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Zusammenfassung

Angesichts der standig wachsenden Bevoélkerung, des Klimawandels, der landwirtschaftlichen
und industriellen Nutzung ist das Problem des Mangels an sauberem Wasser ein standiges
Thema. Die Meerwasserentsalzung ist zu einer wichtigen Quelle fir sauberes Wasser in
trockenen Kistenregionen geworden. Daher missen energieeffiziente Entsalzungslosungen
entwickelt werden, um die begrenzte Energieversorgung nicht ibermaRig zu belasten. In den
letzten Jahrzehnten wurden weltweit Entsalzungskapazitaten aufgebaut, um die
Wasserknappheit an Orten zu lindern, an denen Angebot und Nachfrage aus dem
Gleichgewicht geraten sind. Die bestehende Entsalzungsindustrie basiert fast vollstandig auf
nicht nachhaltigen, industriellen Verfahren, die nicht auf die Wasserknappheit in landlichen
Gebieten ausgerichtet sind. Eines der dringendsten Anliegen bei der Losung langfristiger
Wasserknappheit ist die Entwicklung kleiner, autarker und umweltvertraglicher

Entsalzungstechnologien.

Die Membrandestillation (MD) hat als hybride thermische/membranbasierte
Entsalzungstechnik, die Abwidrme oder Sonnenwdrme fir Entsalzungsanwendungen in
kleinem Mal3stab sowie fir die Behandlung von Solen mit hohem Salzgehalt nutzen kann,
grofles Interesse geweckt. Das jlngste Interesse an dieser Technologie ist auf ihre
einzigartigen Eigenschaften zurlickzufiihren, wie z. B. die niedrige Betriebstemperatur, die die
Nutzung von Ab- oder Sonnenwdrme als Energiequelle ermoglicht, die ultimative
Zurlickweisung von nicht fliichtigen Bestandteilen und der niedrige Betriebsdruck, der den
Einsatz von kostengiinstigen, korrosionsfreien Kunststoffmodulen erméglicht. Die groBRten
Hindernisse, die die Leistung von MD-Systemen beeintrachtigen, sind die potenziellen
Probleme der Membranverschmutzung und -benetzung. Das wesentliche Ziel ist es daher, die
Destillationsrate zu erhéhen und gleichzeitig die Membranbenetzung und -verschmutzung zu

minimieren.

Das erste mogliche Problem ist die Membranverschmutzung, die auftritt, wenn Substanzen
oder Mikroorganismen an die hydrophobe Membranoberfliche binden und die
Membranporen  verstopfen, was zu einer drastischen Verringerung des
Wasserdampftransports flihrt. Die Membranbenetzung ist die zweithaufigste Ursache fiir das

Versagen des MD-Betriebs. Wenn eine hydrophobe Membran in einem MD-Prozess zur



Entsalzung von Salzwasser verwendet wird, das amphiphile Molekiile wie Tenside und andere
amphiphile organische Stoffe enthalt, lagern sich diese an der hydrophoben
Membranporenoberfliche an, machen die Membranporen schlieBlich hydrophil. Die
Benetzung der Membranporen fiihrt dazu, dass das Sole direkt in den Destillatstrom eindringt

und die Salzabscheiderate drastisch reduziert wird.

Hydrophobe Membranen sind bei der Membrandestillation zur Gewinnung von sauberem
Wasser von entscheidender Bedeutung, doch sind sie anfdllig fir Benetzung und
Verschmutzung. Die vorliegende Studie befasst sich mit den Herausforderungen, die mit dem
Membranen in der MD verbunden sind, sowie mit verschiedenen Ansatzen zur Vermeidung
dieses Problems. Um dieses grundlegende Hindernis zu beseitigen, haben wir ein fluorfreies
Nanofilament-Netzwerk auf eine handelslibliche mikroporése Membran aufgebracht, um
eine hochgradig flissigkeitsabweisende Membran mit hierarchischen pordsen Strukturen zu
schaffen. Die mit Nanofilamenten beschichtete Membran verbessert den Destillationsfluss
aufgrund der groBen inneren mikropordsen Strukturen, wahrend die duBeren nano-pordsen
Strukturen die Benetzungsbestandigkeit und somit die Salzabscheidung und Betriebsstabilitat
erhohen. In dieser Studie werden die Destillationsleistung und das Benetzungsverhalten der
neu entwickelten, mit Nanofilamenten beschichteten Membranen in Gegenwart von
Verunreinigungen untersucht, die die Oberflachenspannung herabsetzen, wie z. B. Tenside,
die das Risiko der Membranbenetzung erhohen. Membranverschmutzung durch natdrlich
vorkommende organische Vebindungen wie z.B. Proteine ist eine der schwerwiegendsten
Arten des Membranverschmutzung, da es die Membranleistung durch die Anreicherung
unerwinschter Substanzen auf der Membranoberflache oder in den Poren verringert. Die
Resistenz der Membranen gegen Proteinadsorption wird in dieser Studie ebenfalls
untersucht. Im Vergleich zu konventionellen hydrophoben Membranen weisen unsere
innovativen multiskaligen porésen Membranen eine hohe Verschmutzungs- und Benetzungs-
Resistenz auf und erreichen gleichzeitig einen hoéheren Destillationsfluss. Diese Studie
demonstriert somit einen praktikablen Ansatz zur Optimierung von MD-Prozessen fir die

Abwasser- und Salzwasserbehandlung.

Schliisselworter:



Entsalzung, Membrandestillation (MD), superhydrophob, Nanofilamentbeschichtung,

Benetzung, Membranverschmutzung.

Abstract

With an ever-growing population, climate change, agricultural, and industrial use, the issue
of insufficient clean water is an ongoing one. Seawater desalination has become an important
source of clean water in dry locations along the shore. As a result, energy-efficient
desalination solutions must be devised to prevent putting undue demand on the limited
energy supply. Global desalination capacity has developed in recent decades to assist alleviate
water scarcity in locations where supply and demand are out of balance. The existing
desalination industry is almost completely built on non-sustainable, industrial-scale
procedures that do not address rural water scarcity. One of the most pressing concerns in
solving long-term water shortages is the development of small-scale, self-sufficient, and

environmentally acceptable desalination technologies.

Membrane distillation (MD) has acquired significant interest as a hybrid thermal/membrane-
based desalination technique that may utilize waste or solar heat for small-scale desalination
applications as well as for treating high-salinity brines. Recent interest in the technology has
been observed due to its unique features such as mild operating temperature, which allows
the use of waste or solar heat as a driving force, ultimate rejection for non-volatile
components, and low operational pressure, which allows the use of inexpensive, corrosion-
free plastic modules. The key obstacles impacting the performance of MD systems are the
potential concerns of membrane fouling and wetting. The goal now is to increase the

distillation rate while minimizing membrane wetting and fouling.

The first possible issue is membrane fouling, which occurs when the foulants bind to the
hydrophobic membrane surface and clog the membrane pores, resulting in drastically
decreased water vapor transport. Membrane wetting is the second most common cause of
MD operation failure. When a hydrophobic membrane is used in an MD process to desalinate
brine water containing amphiphilic molecules such as surfactants and other amphiphilic

organics, which attach to the hydrophobic membrane pore surface, exposing the hydrophilic



head and eventually rendering the membrane pores hydrophilic. The result of membrane
pore wetting is direct feed water penetration into the distillate stream and a dramatically

reduced salt rejection rate.

Super-hydrophobic robust membranes are critical in membrane distillation to create clean
water, yet they are susceptible to wetting and fouling. This study provides the challenges
involved in membrane fouling in MD and several mitigating approaches. To address this basic
obstacle, we coated a fluorine-free nanofilament network over a commercial microporous
membrane to create a highly liquid-repellent membrane with hierarchical porous structures.
The nanofilament-coated membrane would improve distillation flux with large inner micro-
porous structures, and the outside nano-porous structures can boost wetting resistance with
high salt rejection and operational stability. In this study, the distillation performance and
fouling resistance of fabricated nanofilament-coated membranes are investigated using
impurities that reduce surface tension like surfactants, which will increase the risk of
membrane wetting. Natural organic fouling is one of the most difficult types of membrane
fouling because it reduces membrane performance by accumulating undesired elements on
the membrane surface or inside the pores. Protein adsorption resistance to natural organic
fouling is also investigated in this study. In comparison to conventional hydrophobic
membranes, our innovative multiscale porous membranes exhibit great fouling resistance
while attaining higher distillation flux. This study demonstrates a viable method for optimizing

MD processes for wastewater and saltwater treatment.

Keywords:

Desalination, membrane distillation (MD), superhydrophobic, nanofilaments coating,
wetting, fouling
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1.Introduction

The thesis begins with a motivation for the topic, followed by an introduction to the
fundamental concepts of Membrane distillation (MD), as well as a literature review on the
background of MD, different types of MD configurations, various membranes used in MD,
how to characterize the membranes, factors affecting MD process, reasons for scaling and
fouling, methods to reduce it, and finally advances in MD technology.

1.1 Motivation

Although water is one of the most plentiful resources on the planet, covering three-quarters
of the earth's surface, around 97% of this amount is salty, with only 3% appropriate for
people, plants, and animals. Nearly 2.5% of this proportion is trapped in polar ice caps,
glaciers, and the atmosphere, leaving just approximately 0.5% available for human use in the
form of river water and groundwater. However, due to a variety of factors such as population
increase, rising living standards, and climate change, these water supplies are depleting faster
than they can be replaced naturally. Most of the world's population still relies on
groundwater, which has finite sources, while those living around coastlines rely on seawater
as a source of water. Desalination technology is widely used as an alternate approach for
harvesting vast amounts of freshwater [1-3].

Desalination is the process of discarding salts, minerals, and other contaminants from
seawater. By generating freshwater from salty or brackish natural resources, desalination
enables a great usage of existing water resources. In this regard, there are now many more
desalination plants scheduled for development or already operational around the world. Over
time numerous desalination methods have demonstrated their viability and are being used
as acceptable sources. Thermal and membrane desalination are the two basic types of
desalination techniques. Thermal-based technologies work by giving thermal energy to salt
water to evaporate into water vapor and then condense this vapor to produce drinkable
water. Thermal methods are commonly employed in areas with high saline levels and cheap
energy prices. Multi-stage flash (MSF), multi-effect distillation (MED), and vapor compression
distillation are some of the most often utilized thermal-based technologies [3, 4].

Membrane-based technologies are also gaining popularity because of their lower specific
energy consumption, reduced environmental footprint, and more flexible capacity [5].
Microfiltration, ultrafiltration, nanofiltration (NF), and reverse osmosis (RO) are examples of
membrane technology. RO is presently the most widely utilized desalination method in the
world, accounting for 61% of the global market, followed by MSF (26%), and MED (8%). The
majority of these are pressure-driven and rely on pressure difference as a driving factor. Using
hydraulic pressure difference as the driving force for mass transfer has its own set of
drawbacks. The osmotic-pressure constraint is one of the most significant weaknesses of such
pressure-driven membrane processes, particularly in the case of brine desalination and
hypersaline wastewaters through RO or NF procedures [4, 6-8].



The existing desalination methods take in massive volumes of high-grade energy, such as
electricity, and necessitate big, centralized sites with well-equipped infrastructure. However,
for small-scale freshwater production, such as 100 m3/day RO, MED, and MSF, the energy
efficiency and economics are significantly reduced. As a result, traditional desalination
procedures are often considered impracticable in sparsely inhabited or underdeveloped
locations. Small-scale and cost-effective desalination technologies that need low-grade
energy sources, on the other hand, are more acceptable for solving the problem of water
scarcity for economically disadvantaged communities [9, 10].

Desalination costs have fallen in recent years because of technological advancements and
learning in a world of rising fossil fuel prices. The expense of using renewable energy sources
is substantially greater. It has also been shown that the technique of desalination used has a
considerable impact on the cost of water desalination [7, 11]. As a result, looking for a new
water/wastewater option is appealing.

The "membrane distillation" method is a novel hybrid non-isothermal membrane process that
combines distillation with membrane separation. Membrane distillation (MD) is a flexible
membrane separation method that is best suited for situations where water is the primary
component in the feed to be separated. MD is a term that refers to the diffusive transport of
vapor molecules across a microporous hydrophobic membrane. The majority of MD process
research has focused on desalination and water/wastewater treatment, among other uses
[12].

1.2 Membrane distillation

MD technique was initially patented in 1967 by Findley [13]. Unfortunately, the MD process
did not gain popularity until the early 1980s, when better-performing membranes such as
Gore-Tex Membrane (expanded polytetrafluoroethylene, PTFE, porous membrane produced
by Gore & Associates Co.) and modules were available. Then after several review articles have
discussed the growth and advancements in MD [14-18].

MD is a method that combines thermal distillation and the membrane process. MD has
several distinguishing characteristics that set it apart from other membrane and thermal
technologies. MD differs from hydraulic pressure processes in that the driving force is the
difference in vapor pressure of water across the membrane rather than hydraulic pressure.
The salt content will only have a little effect on partial water vapor pressure in this sort of
operation. As a result, this approach is very beneficial for treating high-saline water [19, 20].

The feed solution can be concentrated in MD to obtain a water recovery rate of 80 to 90%
while generating high-grade distillate. In far inland places, this reduces the need for
specialized brine management systems. Meanwhile, because the thermal process in MD
requires just a moderate working temperature, alternate energy sources like waste heat or
solar energy may be used [9]. Furthermore, the MD system may be built as a small-scale and
compact unit ideal for small settlements. With these benefits, MD can function as a stand-
alone saline water treatment process in distant places where RO and thermal distillation



technology uses are limited [14, 21]. Furthermore, the membrane pore size required for MD
is rather larger than those used for RO. Hence, the MD process suffers less from fouling.

Commercial microporous hydrophobic membranes made of polypropylene (PP),
polyvinylidene fluoride (PVDF), and polytetrafluoroethylene (PTFE, Teflon), available in
capillary or flat-sheet forms, have been used in MD experiments, even though these
membranes were originally designed for microfiltration. Because adequate membranes were
unavailable in the 1970s, there was only a little development in MD. Later in the 1980s, more
appropriate hydrophobic PTFE membranes were introduced, resulting in a rise in academic
study and development in MD. In the 1990s, there was a better knowledge of membrane
modules and transfer processes, and also alternative designs were tried [22]. In addition, the
MD process was coupled with a solar energy source for the first time in a domestic-size
desalination machine [23].

1.2.1 Basic Concepts of MD

In MD, the hot salty feed and cold distillate streams are separated by a porous hydrophobic
membrane. Because of the temperature difference, water evaporates at the membrane-
saline interface and passes through the membrane pores, whereas freshwater condenses on
the permeate side. The saline feed water is heated to temperatures (Ts) in the range of 50 to
80 °C, while the permeate side is normally at a temperature (T¢) ranging from 10 to 20 °C
Because of the temperature difference across the membrane, water evaporates at the
membrane-saline interface and then travels through the membrane pores, freshwater
condenses on the permeate side (Figure 1). MD has therefore a strong rejection of any
nonvolatile compounds and also a lower operating pressure than RO [9, 16].
Hydrophobic

porous
membrane

li :
saline

Figure 1: Schematic drawing showing conventional direct contact membrane distillation
(DCMD) setup.



During MD, when a vapor pressure gradient is formed across the membrane, the volatile
components in the feed solution evaporate, and the vapor molecules are driven through the
membrane pores from the feed to the permeate side by the gradient. Depending on the
nature of the feed, the permeating vapor may be composed of single or numerous
components. The selective property of the MD process is based on the membrane's
impermeability to the liquid input, while vapors pass through the porous membrane
structure. Therefore, MD membranes should combine several properties: sufficient wetting
resistance, to avoid penetration of the liquid into the membrane, high porosity, and large
pore size to achieve high vapor flux, and low heat conductivity to minimize thermal loss across
the membrane.

1.2.2 MD configurations

Membrane distillation modules are built in various ways depending on how the permeate
vapor is collected and condensed. The section below gives an overview of different types of
MD module combinations. The hot feed is always maintained in direct contact with one side
of the membrane in all types of configurations and with various techniques used on the
opposite of the membrane side.

Direct contact membrane distillation

The most prevalent membrane distillation design is direct contact membrane distillation
(DCMD). Heat loss via conduction is a key concern in DCMD since the hot feed solution and
the cold side come into direct contact with the membrane in this arrangement (Figure 1). As
a result, the energy efficiency of this setup is poor. Because this module has the lowest mass
transfer resistance, the overall vapor diffusion is faster and so the distillation flux is higher.
The diagram displays the membrane's configuration in further detail. The driving force in
DCMD is provided by the difference in interfacial temperature across the membrane, and the
vapor transport distance is equal to the membrane thickness. The amount of clean water
produced instantly adds to the permeate side. The most basic MD configuration is DCMD,
which is commonly used in desalination operations and also for aqueous solution
concentration in the food sector [19, 24]as well as acid manufacture [25, 26].

Air gap membrane distillation

The second form of MD module design is air gap membrane distillation (AGMD), in which a
tiny layer of air is interposed between the membrane and the condensation surface, which is
then cooled on the other side (Figure 2). The presence of an air gap and a condensation plate
inhibits direct contact between permeating vapor and cooling water, hence slowing heat
transfer from the hot feed side to the cooling water. As a result, the AGMD module's internal
heat recovery leads to improved energy efficiency than DCMD and reduces heat loss owing
to conduction. The presence of an air gap, on the other hand, impedes mass transfer, resulting
in decreased distillation flux. AGMD has been studied for various membrane distillation
applications, particularly when thermal energy availability is restricted, including ethanol



separation [27], arsenic-contaminated water purification [28], and desalination [29]. When
compared to DCMD, the clean water generated by AGMD condenses on the condensing
surface near the permeate side and has a separate output.

Hydrophobic
porous Condensing surface
membrane /

saline

Product water

Figure 2: Schematic drawing showing conventional Air gap membrane distillation (AGMD)
setup.

Vacuum membrane distillation

The third form of MD module design is vacuum membrane distillation (VMD), in which the
permeate side is kept at low pressure, as low as 0.1 kPa [30]. By raising the vapor pressure
differential across the membrane, the vacuum produces a driving force for transmembrane
flow (Figure 3). Additionally, the approach improves the process by eliminating air from
membrane pores and minimizing conductivity losses. VMD can create a greater distillation
flux than DCMD and AGMD due to this combination [11]. VMD has several limitations,
including an increased danger of membrane wetting (loss of hydrophobicity), the need for
membranes with suitable mechanical strength, and an additional energy need for the vacuum
pump [21]. VMD is most typically used to extract volatiles from aqueous solutions in
applications such as ethanol-water separation [31], removing volatile organic compounds
from water [32], desalination [33], and ammonia removal from aqueous solutions [34].



Hydrophobic
porous
membrane

T¢ —emenes

T,
Hot fe Vacuum
saline pressure
Condenser,
s Vacuum
pump
Product water

Figure 3: Schematic drawing showing conventional Vacuum membrane distillation (VMD)
setup.

Sweeping gas membrane distillation

The next form of MD module design is sweeping gas membrane distillation (SGMD). At the
permeate flow side of this membrane distillation arrangement, the permeate is a sweeping
gas. The inert gas sweeps vapor from the permeate side of the membrane module and causes
it to condense outside of it. The sweeping gas, like the air gap membrane distillation
technique, has an air gap, although it is not stationary, which helps boost the mass transfer
coefficient. The primary disadvantage of this configuration is that because of the enormous
volume of sweeping gas, only a small amount of permeate diffuses, needing a larger
condenser in order for the system to work. Figure 4 below depicts the configuration of
membrane distillation technology [35, 36].



Hydrophobic
porous
membrane

Hot feed Sweeping
saline gas
........... - Condenser
YN Sweep gas
\1/ outlet
Product water

Figure 4: Schematic drawing showing conventional Sweeping gas membrane distillation
(SGMD) setup.

A quantitative and direct comparison of distillation flux and energy efficiency under identical
conditions is required for the effective selection of the optimal configuration for a certain
application. From these four commonly adopted MD configurations, DCMD is the most
generally used configuration in laboratory MD research due to its ease of design and
assembly, although AGMD has attracted greater attention for commercial applications
because of its enhanced energy efficiency and capabilities for latent heat recovery. One of
the studies goes into detail on the differences and similarities between DCMD and AGMD to
give a better perspective [37]. Eykens et al. also investigated all possible configurations and
gave guidance on how to choose an MD setup [38].

1.2.3 Membrane characteristics

The hydrophobic property of the membrane, in general, prevents the solution from accessing
the pores, resulting in a vapor-liquid interface at each pore entrance. The MD method
employs microfiltration membranes made of hydrophobic polymers such as polypropylene
(PP), polytetrafluoroethylene (PTFE), and polyvinylidene fluoride (PVDF) [14, 39, 40]. They
exhibit thermal conductivities as low as 0.22- 0.45 W/m.K and high chemical stability at
membrane distillation operation temperatures. The majority of the membranes utilized were
designed or modified for microfiltration (MF), and few researchers investigated creating or
changing these membranes. Membranes with a hydrophobic layer and a hydrophilic layer, or
a hydrophobic layer sandwiched between two hydrophilic layers, have also been employed
[41-43].

Membrane performance in MD is influenced by a variety of parameters, including membrane
hydrophobicity, material chemistry, and morphology-related features such as pore size and



porosity, and pore tortuosity. Being hydrophobic is a basic need for the effective execution of
the MD process, which is directly connected to membrane performance stability and is
expressed by membrane pore wetting and membrane fouling.

Membrane pore size

If the absolute pressure difference between the liquid and vapor phases is sufficiently
minimal, the liquid phase cannot penetrate the membrane pores owing to surface tension,
despite the fact that single molecules are much smaller than the membrane pores.

The surface tension cannot maintain the liquid-vapor interface above a specific pressure
difference, and the liquid feed enters the membrane pore volume. The liquid entry pressure
(LEP) is the name given to this characteristic pressure. It is evident that pressures in MD
systems must not surpass the LEP in order for the membrane to retain its separative activity.

Ap;_4y < LEP Eq. 1Eq. 1 below expresses the key non-wetting condition [44].
Ap,_4 < LEP Eq. 1

The Young-Laplace theory outlines the relationship between fluid pressure, surface tension,
and surface curvature. The LEP may be readily obtained from the Young-Laplace equation for
an ideal cylindrical pore geometry, taking into account the membrane pore diameter d, the
surface tension of the liquid phase (y;), and the contact angle 8 that forms between the fluid
and the membrane (Figure 5). Because membrane wetting occurs first at the largest pore, the
maximum pore size (ry,ax) of @ membrane material is taken into account. Eq. 2 shows that a
small values of maximum pore size, a large contact angle, and a high surface tension of the
feed solution all contribute to a reliable MD process [45].

Salty feed water
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Figure 5: Parameters affecting the LEP values in Young-Laplace equation on a membrane
with ideal cylindrical pores.



LEp = Z2ncos® oo
Tmax
From the equations above it is clear that the bigger the pore size, the lower is the liquid entry
pressure (LEP). As shown in Figure 6, it is observed how LEP value for PE membranes decrease
as pore sizes increases. If the feed pressure is greater than the LEP, the liquid will permeate
the pores and the hydrophobicity will be lost, as shown by Eq. 2. When a low surface tension
solution is treated, the influence of pore size becomes obvious. To minimize the wetting of
membrane pores, pore size should be kept as small as possible, which contradicts the demand
for increased MD permeability. Depending on the kind of feed solution to be treated, an ideal

value must be found for each MD treatment.

Pore size distribution is also taken into account in several of the research. Because of the pore
size distribution of the membranes, many mechanisms of mass transport can occur at the
same time. There are also several theoretical model-based research that investigates the
influence of pore size distribution on membrane distillation [46-48].

PE 0.2 PEOS PEO.9 PE1.5 PE25
Membranes

Figure 6: LEP of commercial PE membranes with different pore sizes.

Membrane porosity

High porosity membranes provide higher fluxes independent of MD design because a greater
percentage of the surface is accessible for evaporation. In terms of energy efficiency,
increased porosities reduce conductive heat transmission through the membrane solid
material since the heat transfer coefficient of the air/gas is lower than that of the polymer. In
MD setups, typical membrane porosity ranges between 60 and 85% [49].



Membrane tortuosity

Tortuosity is defined as the ratio of the actual length of a particular particle's diffusion way to
the thickness of the system under consideration. The greater the tortuosity, the lesser the
distillation flux. In MD studies tortuosity is usually considered to be of the order of 2 [50, 51].

Membrane thickness

The thickness of the membrane has a vital impact on the efficiency of heat and mass transport
in MD. The membrane should be as thin as feasible to get a high MD permeability thus high
distillation flux. Furthermore, thin membranes may minimize the total mechanical resistance
of the membranes. The value of optimum thickness is observed to increase with reducing
heat transfer coefficients, decreasing feed intake temperature, increasing membrane
permeability, and increasing salinity. Also, in order to maximize heat efficiency, the optimum
membrane thickness lies in the range of 60 — 150 um. It should be noted that in the case of
AGMD, the impact of membrane thickness is less important than that of the air gap [52, 53].

The kind of polymer utilized also has a significant impact on the membrane's characteristics
and manufacturing technique. Gryta et al. investigated the effects of membrane shape and
hydrophobicity of membrane materials (water contact angle) on membrane wettability using
different types of membranes — PTFE, blending PTFE with PVDF, and PVDF [54]. Here PTFE
membranes showed the best hydrophobic properties and so are widely used as a membrane
material for MD. The main difference between PTFE and PVDF membranes is that PTFE
membranes are more resistant to strong acids and aggressive solutions than PVDF
membranes [52, 55]. Only a few writers, on the other hand, have examined the idea of
developing novel membranes and membrane module designs explicitly for MD applications
[9, 14, 21, 56-58].

1.2.4 Factors affecting Membrane distillation

Feed temperature

The influence of feed temperature on distillation flux has been extensively studied in the
various MD setups mentioned. The feed temperature is normally between 60 and 90 °C, while
lower values have been employed. In general, the flux increases exponentially with feed
temperature in all MD designs [59]. An increase in the feed temperature raises the vapor
pressure in the feed solution channel, which raises the trans-membrane vapor pressure.
According to various research, working at high feed temperatures improves evaporation
efficiency and overall heat transfer from the feed to the permeate/cooling side, even if the
temperature polarization effect rises with feed temperature. Temperature polarization
occurs when the temperatures at the membrane surface deviate from the bulk temperatures
observed in the feed and distillate. This effect results in a significant loss in driving force for
the vapor transport [60]. During the distillation process, when feed concentration rises, we
have to add concentration polarization to temperature polarization which also reduces the
imposed driving force and so the mass flux.
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It should be noted that operating at very high temperatures, such as 90 °C, may result in a
decrease in membrane selectivity and significant scaling issues [61].

Coolant temperature

Because of the exponential increase in vapor pressure with feed temperature, raising the
permeate/cooling temperature has less influence than increasing the feed temperature. In
AGMD, coolant temperature has no influence on distillation flux because the heat transfer
coefficient in the air gap is substantially less than the heat transfer coefficients on the hot and
cold sides [62].

Feed concentration

Feed concentration reduces transmembrane flow to some extent in all MD systems. This is
due to multiple factors, including reduced vapor pressure owing to salt concentration, a
concentration barrier at the membrane surface, and enhanced temperature polarization.
However, the effect of increasing feed concentration in several experimental trials ranged
from minor to moderate [63, 64].

Feed flow rate

In the MD process under discussion here, we have a salt solution at a high temperature on
one side of the membrane and clean water on the other. The difference in temperature and
concentration across the membrane causes a vapor pressure differential, resulting in an
effective desalination process. According to most research, raising the feed flow rate
enhances the distillation flux. This is due to the better mixing of liquid from different zones
having different temperatures and concentrations. This leads to more homogeneous
temperature and concentration distribution. Also, the temperature at the membrane surface
approaches more closely to the input feed temperature due to the turbulence on the feed
side [16].

Coolant flow rate

Increased coolant flow velocity promotes heat transfer in the permeate side of the membrane
module by lowering the temperature and concentration polarization effects in DCMD, VMD,
and SGMD designs. As the temperature difference grows, the distillation flux tends to
increase. In the case of an AGMD configuration, where the heat transfer coefficient in the air
gap dominates the overall heat transfer coefficient, changes in coolant flow and temperature
have negligible influence on the AGMD flux. [16].

Transmembrane temperature difference

The transmembrane vapor pressure, caused by the temperature differential between the
feed and permeate/cooling sides of the membrane module, is the driving force in MD. As
discussed before the distillation flux grows exponentially with the increase in temperature
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difference between the hot and cold sides. As the difference in temperature reduces, the
distillation flux also decreases. It should be emphasized that such tendencies are controlled
by feed flow rates and are linked to temperature and concentration polarization effects. [16,
60, 65].

1.3 Challenges in Membrane distillation

Minimal MD research has been done at the issues involved in its practical applications. These
issues include membrane fouling, wetting, and long-term operational consequences. It is
critical to assess membrane fouling development in MD in the context of drinking water
supply. Fouling is an issue that affects all membrane functions. Foulants are elements in feed
water that are maintained on the membrane surface or in the membrane pores during the
fouling phenomena, which are precipitations of organic and inorganic debris or biofilms.
Fouling reduces membrane process efficiency, lowers product quality, and eventually reduces
membrane life span, incurring additional operational expenses. As a result, more complete
knowledge and management of membrane fouling is required [66-69].

In MD, the link between membrane hydrophobicity and fouling development needs to be
studied. The hydrodynamic conditions i.e. transmembrane pressure, flowrate and
temperature at both sides, etc., as well as the chemical composition of the feed liquid have a
significant impact on membrane fouling. Fouling can produce a decrease in distillation flux
due to undesired deposits on the membrane surface and pores, as well as partial or total
membrane wetting because the deposits lower the hydrophobicity of the membrane via
adsorption, resulting in membrane wetting [70-73]. As a result, a membrane's separation
gualities may deteriorate, and wetting may develop [74].

Despite the presence of fouling in MD, much MD research lacks in-depth assessments of
fouling development [34]. One of the major impediments to commercial MD adoption has
been noted as a lack of knowledge of fouling and wetting processes in MD and their related
mitigation. As a result, additional research is being conducted on this topic. The number of
published MD articles on the issue of membrane fouling has steadily risen over the last two
decades, particularly for MD scaling development [75]. The bulk of hydrophobic membranes
used for MD includes PTFE or PVDF or in other cases are made via fluorination. Fluorinated
organic molecules, on the other hand, are harmful to the environment and are no longer
acceptable. PTFE membranes are additionally pricey due to the lengthy manufacturing
process and the cost of the material itself [43, 75-78].

However, MD has yet to be commercialized since it requires scientific study, especially in the
realms of membrane fouling and membrane pore wetting which reduces membrane
permeability and compromises treatment efficiency.
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1.3.1 Membrane fouling

The kind of membrane fouling is determined by the source of feed water, foulant properties,
and feed water chemistry. Membrane fouling in MD operations can be caused by a number
of foulants, including scalants in the form of salts (e.g. CaSO4 and CaCOs3) — Inorganic
fouling/scaling, then the presence of particulates, colloidal matters — Colloidal fouling, later

deposition of natural organic matter (NOM) — Organic fouling and biological species such as

bacteria, fungi, and algae that cause biofilm development — Biofouling [66, 67, 69].

The MD membrane is the most important component of an MD system. Hydrophobic
membranes characterize conventional MD membranes. To avoid direct liquid absorption via
the micropores, hydrophobicity is essential. However, when hydrophobic membranes are
utilized in MD to treat wastewater, two major issues may arise, resulting in MD operation
failures [73]. The first issue that may occur is membrane fouling, and the second is membrane
wetting.

Membrane fouling is a common issue in all membrane processes. It refers to the buildup of
undesired elements on the membrane surface or within the membrane pores, which affects
mass transfer across the membrane and causes a decrease in distillation flux and in some
cases also reduces salt rejection. When a fouling layer forms on the membrane's surface, it
adds hydraulic and thermal resistance to the mass transfer coefficient. The degree of
resistance is estimated using the fouling film's properties, such as the thickness and porosity
of the deposited layer. In the case of the non-porous fouling layer, it leads to both thermal
and hydraulic resistance. Whereas when the fouling layer is porous, it will depend on its
porosity as a comparison to the membrane’s porosity and also thickness to determine the
effect of thermal resistance [66].

According to the literature, membrane fouling is more severe in the pressure-driven
membrane process than in the MD method. However, fouling in MD is recognized as one of
the major challenges impeding the long-term adoption of MD technology. When comparing
fouling in the MD process to fouling in the pressure-driven membrane process, it is discovered
that fouling in the MD process is still understudied and poorly understood. However, all
identified types of fouling that occur in any membrane-based process are also present in the
MD process [79, 80].

Membrane fouling is a complex phenomenon. It is difficult to explain the mechanism of
fouling occurring since it is influenced by several parameters that are all interconnected. To
ensure a thorough knowledge of the fouling mechanism, a detailed approach to prevent
fouling development should be adopted. Because an acceptable mitigation strategy differs
depending on the kind of fouling, it is more feasible to study each form of membrane fouling
separately. Fouling is a complicated phenomenon that is impacted by several parameters.
Tijing et al. (2015) classified the parameters that might influence fouling development into
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three categories: operating conditions, feed water and foulant characteristics, and membrane
characteristics [69, 73].

Gryta’s (2000) work was one of the first MD drinking water application studies to highlight
the occurrence of membrane fouling [81]. After that Karakulski and Gryta (2005), for example,
detected CaCOs precipitation on the MD membrane surface using concentrated tap water
[82]. Gryta et al. (2008) also studied the formation of fouling layers in various feed solutions
such as protein effluent, brine, bilge water, and demineralized water [68].

Surface roughness is one of the membrane features that have a significant impact on
membrane fouling by modulating the membrane's hydrophobicity. More air can be trapped
in micro- and nano-sized membrane surface pores with higher surface roughness [83]. As a
result of the increased fraction of the solid-gas interface in the overall combination of solid-
liquid and solid-gas interfaces on the membrane surface, the membrane surface becomes
more hydrophobic. According to Zhao et al. (2015), increasing membrane roughness
diminishes the contact strength between the foulant particle and the membrane surface. As
a result, foulants stick to and detach from the membrane surface with ease [69, 84].

It is known that the most difficult sort of fouling comes from feed solutions containing
hydrophobic pollutants such as oil and hydrophobic organics. These pollutants form a
nonporous layer of fouling that is difficult to remove due to strong hydrophobic-hydrophobic
interactions formed between the contaminants and the membrane surface [68].

The following section describes the different types of fouling encountered in the MD process
in detail, their origins, and the effects on the membrane surface, characteristics, and MD
performance.

1.3.1.1 Inorganic/scaling

The subject of inorganic fouling in MD has gotten a lot of attention in the literature [67].
Inorganic fouling or scaling is the deposition of solid inorganic compounds such as calcium
carbonate, calcium sulfate, silicate, sodium chloride, aluminum oxide, iron oxide, calcium
phosphate, MgCl,, MgSO0s, ferric oxide, SrSO4, and BaSO4 on the membrane surface or inside
the pores [69, 85, 86]. The inorganic components present in the feed solution goes through
series of steps leading to crystallization.

The most common scale forms are caused by the presence of sparingly soluble salts in the
feed solution, such as CaSOa4, CaCOs, and CaC;0a. These salts have limited water solubility yet
are not entirely insoluble. Temperature changes, solvent evaporation, and concentration
polarization all increase the concentration of dissolved salts in the feed solution.
Furthermore, Membrane scaling during MD is mostly caused by the direct precipitation of
sparingly soluble salts such as CaSOa4, CaCOs, and silicate on the membrane surface [87]. Most
salt solubility rises with temperature, and these salts do not crystallize on heat transfer
surfaces unless their concentrations are quite high. Scale deposits are created by salts whose

14



solubility is normally restricted and decreases with increasing temperature in the majority of
situations [88]. Hsu et al. (2002) showed a decrease in distillation flux with saltwater, relating
high temperature application to membrane fouling in MD [19]. Supersaturation on the feed
side occurs when the concentration exceeds the equilibrium solubility product, resulting in
the nucleation process. Nucleation is the process by which a limited number of ions, atoms,
or molecules form the typical pattern of a crystalline solid [87, 88].

Several factors can influence how quickly the scaling occurs, including supersaturation,
temperature, water composition, flow parameters, substrate material, and the presence of
any nucleation sites. During supersaturation, various ions begin to attract one other, resulting
in the formation of crystals in the bulk solution or on the membrane surface. During the MD
experiments, when, the small crystals of Ca salts or others depending on the feed solution
prepared could potentially act as nucleation sites for the crystallization of further larger
crystals. Crystallization occurring in bulk solution is termed as homogeneous nucleation, and
crystal nucleation on the membrane surface is referred to as heterogeneous nucleation.
Typically heterogeneous nucleation is more likely than homogeneous nucleation. When water
vapor diffuses through the membrane, the rejected salt collects in the boundary layer near
the membrane at higher concentrations than in the bulk which can lead to heterogeneous
nucleation and result in the formation of crystals (Figure 7).
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Figure 7: General steps for inorganic fouling/scaling during the MD process

Despite the fact that the membrane distillation process operates at low pressure, both
crystallization processes can occur in MD. In the MD system, both crystallization processes
coexist, making inorganic fouling a complicated process. According to one study,
heterogeneous crystallization is more dominant in unstirred batch systems, but scaling occurs
in both homogeneous and heterogeneous crystallization processes in continuous flow
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systems [89]. Concentration polarization is recognized to be the principal cause of increasing
concentration of the feed solution, resulting in the development of crystallization processes.

During the crystallization process, many layers of deposits form on the membrane's surface.
The deposition layer has higher temperature polarization and thermal durability, which
minimizes driving force across the membrane (Figure 8). Distillation flux will be lowered as a
result [56, 87, 90, 91]. Gryta investigated various scaling effects on PP membranes and
discovered a dramatic decrease in distillation flux owing to the deposition of considerable
amounts of scalants on the membrane surface [88, 92]. Crystals generated on the membrane
surface may potentially penetrate into the interior of the pores, causing harm to the MD
module. As a result, the concentration of salt solutions contaminated with scarcely soluble
chemicals in the MD process necessitates their continual removal from the feed, for example,
by crystallization.

To avoid scaling development on the membrane surface, it is critical to understand the
mechanism of inorganic fouling crystallization. Because inorganic scalants are difficult to
remove from the membrane surface and pores, preventing fouling development serves as a
fouling mitigation approach for inorganic fouling. As a result, inorganic fouling is regarded as
one of the primary obstacles preventing the MD process from being used in large-scale
desalination applications. Inorganic fouling is caused by a variety of reasons, including
membrane shape, feed solution type, and operating conditions.

CaSO, scaling CaCO, scaling

Figure 8: SEM image of (a) CaSO4 deposits precipitated on PTFE membrane [87] (b) CaCOs
layer on PP coated fluoro-silane [49]

Temperature is one of the most important elements in the scaling and fouling of MD
membranes. Salt solubility and crystal formation, in particular, vary greatly over the
temperature range important to MD systems. Importantly, the solubility of specific salts can
be associated with temperature either favorably or negatively. The solubility of sodium
chloride, for example, rises with temperature, but that of calcium carbonate, magnesium
hydroxide, and calcium phosphate decreases. This negative connection of solubility with
temperature is common for alkaline salts, which rely on the dissociation of water into
hydrogen and hydroxide to produce scale; at higher temperatures, such dissociation increases
[80]. Salts with inverse solubilities, such as calcium sulfate and calcium carbonate, are
frequently the most saturated in desalination feed solutions (calcium sulfate concentration is
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higher in the case of seawater as a feed while calcium carbonate concentration is higher in
groundwater sources). In general, greater temperature increases the likelihood of scaling in
common feed solutions [90, 93].

1.3.1.2 Colloidal fouling

Colloids are tiny particles floating in water that cause fouling in many feed water solutions.
Colloids can range in size from a few nanometers to a few micrometers. Although different
membrane technologies may remove bigger particles, small particles can cause major fouling
concerns. Colloidal fouling is sometimes classified as both inorganic and organic fouling in the
literature. As a result, colloidal particles can be classified as inorganic foulants or organic
macromolecules. The primary inorganic sector of colloidal foulants found in natural water
sources includes silica, aluminum silicate minerals, clay, silt, iron oxides/hydroxides, and
debris [67, 94, 95].

Silica is significant because its tiny size makes it difficult to remove using pretreatment
procedures such as microfiltration. Silica appears in water in three forms: colloidal silica,
particle silica, and dissolved silica (or mono silicic acid). When supersaturation occurs and
silica begins to polymerize on the membranes, the latter can cause significant fouling in MD
systems. In one study, colloidal silica is used in combination with Ca salts and one observed
strong fouling for DCMD process [95]. In another study silica scaling caused greater DCMD
flux decline than gypsum and calcium carbonate scaling [96]. Similar fouling effects were also
observed in another study [97].

The removal of the foulant by acid and drying of the membranes only temporarily restored
the initial distillation flux [93, 96]. This occurred despite the feed being nano-filtered
upstream of the MD membranes. SEM-EDS investigation revealed that the deposit was mostly
silicon, with traces of iron, calcium, and zinc. SEM examination also showed that the flux
decrease was caused by clogged membrane capillaries rather than a deposited layer of
foulants. Because of the blockage, the feed flow rate was lowered, which increased
temperature and concentration polarization, lowering the module flux. While silica fouling
does not produce as rapid a flux drop as calcium carbonate, it remains a worry since it is
difficult to clean. Acids that are usually employed to dissolve the crystalline scale are
ineffective on uncharged silica. When there is a high concentration of silica in the feed, the
authors recommend avoiding hollow fiber membranes with feed flow inside the capillaries
[82,97].
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Silica fouling Iron oxide fouling
Figure 9: SEM image of (a) Silica deposits precipitated on PTFE membrane [97] (b) Iron
oxide fouling on PP membrane [85]

Other foulant is iron oxide which is also a common and major particle foulant studied in MD.
Iron oxide fouling can be made up of a range of compounds, such as iron oxides, iron
hydroxides, and iron oxide-hydroxides. These compounds are normally crystalline, although
they can also exist in hydrated forms. Iron oxide scale is not expected to be present in ordinary
feed waters, but it is a scaling danger owing to the rusting of steel and even stainless steel
components in distillation systems. Corrosion fouling not only causes clogging issues, but it
may also cause membrane degradation due to surface erosion (mechanical damage by
corroded flakes and chunks in motion through the narrow flow passages) [85].

Additional iron oxide fouling occurred in Gryta's research as a result of acid cleaning (HCI) of
the feed side. The volatile acid was able to pass through the membrane as gaseous HCl to a
limited extent, acidifying the permeate and inducing oxidation of the stainless steel
components on the permeate side of the system. Even at concentrations of less than 50 g/L
HCI, substantial reactions with the stainless steel components can occur. As a result, Gryta
suggests utilizing acid-resistant high-grade steel or plastic for MD systems [85].

In comparison to other scale forms in MD, iron oxide is unlikely to arise with adequate system
design. It is less detrimental to distillation flux, but it is still a major source of wettability and
is extremely difficult to eliminate. Because of the reduced working pressure characteristic of
the MD process, plastic components may be used, potentially eliminating most iron from the
system [93, 98].

1.3.1.3 Natural organic fouling

Natural organic matter (NOM) components that provide a risk for MD are common in
wastewater as well as some lake and ocean water samples. NOM is comprised of proteins,
amino sugars, polysaccharides, and humic compounds. The fouling generated by NOM can
influence the membrane’s permeability as well as its rejection of dissolved materials. lonic
strength, pH, ions present, membrane surface structure and chemistry, molecular weight,
polarity, distillation flux, and hydrodynamic and operational parameters all influence
membrane fouling in the presence of organic molecules [72, 99, 100].
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Natural organic fouling

Figure 10: SEM image of protein deposits on PP hollow fiber membrane [68]

NOM may adsorb on the membrane's surface via a variety of processes, including particular
chemical affinity, electrostatic and hydrophobic interactions. NOM deposition can: (a) adsorb
or deposit inside the membrane's pores, either partially or completely blocking water
passageways; (b) form a separate gel-like layer on the membrane's surface, thus blocking the
pores; and (c) bind particles and NOM together, forming a low permeability particle/NOM
layer on the membrane's surface [68].

In one of the studies, humic acid (HA) was employed. It was observed that HA was first
deposited inside the membrane's pores, and then it was deposited on the blocked region. The
fouling behavior of HA is influenced by the solution's pH and ionic strength, the concentration
of monovalent and divalent ions, the surface characteristics and structure of the membrane,
and the working circumstances. The pH of a solution has a large impact on HA fouling [101].

Khayet et al. (2004) investigated how HA solution treatment can minimize fouling in MD. MD
was used to treat HA solutions containing NaCl and CaCl; at concentrations comparable to
those found in natural waters. Microporous PTFE and PVDF membranes were used in the
tests. When humic acid-containing salts were investigated, larger salt rejection factors with
extremely low distillation flux decline were reported in DCMD application when compared to
pressure-driven membrane separation procedures. These findings show that MD is an
appealing technique for treating HA solutions [70].

Organic fouling that causes wetting has not been well studied. Previous research has
discovered structural and surface charge changes in protein organics as temperature rises.
Bovine serum albumin (BSA) is a protein with a molecular weight of approximately 66,000 Da.
One of the primary causes of protein fouling in MD is high operating feed temperature.
According to Tijing et al., BSA fouling in the MD process is insignificant when the BSA feed
content and feed temperature (i.e., 20-38 °C) are low [73]. Gayathri Naidu et al. (2014) used
synthetic model solutions of HA, alginate acid (AA), and BSA to evaluate fouling development
in the DCMD system at feed temperatures of 50 °C and 70 °C. A 40-50% distillation flux
reduction was found at higher temperature, with BSA and HA displaying major fouling
tendencies and AA showing minor fouling due to its hydrophilic nature. The study of the
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fouled membrane revealed that the BSA feed solution had more substantial deposits on the
membrane surface (35.2% more carbon mass than the HA foulant) but less significant pore
penetration [71]. Wenli Quin et al. (2017) demonstrated the combination effects of AA, BSA,
and HA in the presence of colloidal silica particles in another investigation. Combination of
BSA protein with colloidal silica in the feed solution enhanced the rate of fouling forming
larger aggregates which resulted in a significant decrease in distillation flux as well as partial
pore wetting [94].

Researchers have explored several ways to manage fouling phenomena, such as considering
feed pretreatment(s), increasing feed flow rate causing turbulent flow regime, applying
periodic hydraulic and/or chemical cleanings, increasing membrane surface roughness and/or
changing its surface charge [102]. Some investigations have shown that organic fouling in
DCMD is irreversible [70, 103]. Other studies, however, claimed the reversibility/cleaning of
organic fouling, such as the complexes formed by calcium ion (Ca?*) and organic matter that
precipitates only on the membrane surface, forming a thin deposit layer that is completely
eliminated by a simple cleaning with water and 0.1 M sodium hydroxide solution. It was
observed that just washing the membrane with deionized water via the feed channel at a flow
velocity of roughly 1 m/s allowed for the recovery of up to 98% of the distillation flux [71].

According to one study, MD is a viable approach for recovering ammonia from animal feces.
It was discovered that pretreatment with microfiltration was adequate to lower the danger
of organic fouling and boost ammonia mass transfer. It was also discovered that washing with
NaOH/citric acid was adequate to restore the ammonia flow regardless of manure
preparation [104].

Temperature increase causes humic acid and other organic compounds especially proteins to
decompose. In fact, the temperature rise may be employed as an effective humic acid
cleaning approach in reverse osmosis membrane systems. However, distillation flux rises at
higher temperatures for MD, which may result in a larger concentration of organic molecules
at the membrane interface due to the concentration polarization effect.

1.3.1.4 Bio-fouling

Biofouling is defined as the deposition and accumulation of microorganisms on the surface of
the membrane and within its pores, which finally results in the creation of a biofilm. The
biofilm is made up of microbial cells and extracellular polymeric substances (EPS) that covers
the membrane's surface. Biofouling has been a major issue for reverse osmosis membranes;
it is also anticipated to be an issue with practical MD systems. However, the operating
parameters of the MD process, particularly high temperatures and salinity, can severely limit
microbial development in MD installations. Temperature may have a substantial impact on
biofouling due to microbe’s inability to tolerate high temperatures and thermal impacts on
organic compounds. Most environmental organisms will not survive and so will not develop
on MD membranes at temperatures over 60 °C, according to M. Krivorot et al research's using
hollow fiber membranes [105]. As a result, the difficulties caused by biofouling in membrane
processes such as nanofiltration, ultrafiltration, or reverse osmosis should not be as prevalent
in MD systems. Organic fouling, on the other hand, may be more relevant in MD [105].
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Biofouling Micro-organisms

Figure 11: SEM image of heavily bio-fouled membrane with (a) extracellular polymeric
substances [105] (b) micro-organisms [102]

Bacteria and microorganisms abound in water systems. While chlorination kills germs, it can
be harmful to several popular MD membrane materials. Bacteria invade and excrete EPS in
normal biofilm development and this EPS can be difficult to remove from membranes as they
attach to the surface. When compared to inorganic scaling and fouling, these biofilms are
generally 75-95% water and rather permeable [106, 107].

Gryta (2002), MD conducted a study on a bioreactor using saline wastewater containing yeast,
Pseudomonas and Streptococcus faecalis bacteria, and the fungus Penicillium and Aspergillus
[108]. The DCMD hollow fiber PP membranes (pore size: 0.22 um) were unable to keep
Streptococcus bacteria out of the distillate. No bacteria were identified at the membrane
surface at 90 °C and salt concentrations of up to 300,000 ppm, showing that these
circumstances inhibited bacterial development. Bacteria and fungus were discovered at the
membrane when the temperature was reduced to 80 °C [108].

Biofilms, particularly in seawater, frequently contain microorganisms in addition to bacteria.
Although there are no direct MD studies with marine microorganisms in the literature. Very
few relevant superhydrophobic materials similar to MD membrane materials have been
studied with seawater. Zhang's study evaluated seawater fouling in submerged hydrophobic
and superhydrophobic surfaces during a 6-month period. Surfaces made of polysiloxane and
PTFE were investigated. The hydrophobic surface fouled within a day, whereas the
superhydrophobic surface (contact angle 169°) withstood fouling for around three weeks.
After two months, however, both surfaces were significantly contaminated. The loss of
biofouling resistance was mostly attributable to the loss of air bubbles across the membrane
when the air dissolves into the surrounding water [109].

In summary the literature does not yet provide specific parameters for preventing biofouling
since biofouling is affected by several elements such as salt concentration, feed composition,
residence period, pre-treatment, microorganism presence, operational temperatures,
membrane type, and cleaning frequency [110-112].
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1.3.2 Membrane wetting

Membrane pore wetting can occur due to the loss of membrane hydrophobicity for the feeds
containing wetting compounds (e.g., oils, surfactants). The metrics used to measure the
membrane's wetting resistance are the liquid entry pressure (LEP), as stated above in section
1.2.3, and the membrane's surface wettability, as measured by the water contact angle
(WCA). The surface wettability is greatly reliant on the surface's free energy and contact
angle. Young's equation (Eq. 3)is widely used to determine the wettability of a liquid droplet
on a flat, smooth surface [113]. In the equation, Yy, Y51, Yiv represents surface tension
between solid and vapor phase, solid and liquid phase, liquid and vapor phase, and 0 is the
contact angle between liquid and membrane.

Ysv—Vsi
Yw

cos 0 = Eq. 3

Wetting is classified into four kinds in general: non-wetted, surface-wetted, partially wetted,
and completely wetted. Surface wetting causes the liquid/vapor interface to move partially
inward of the membrane cross section. Distillation flux may then progressively decrease as
temperature polarization increases, lowering the temperature of the evaporating surface
inside the pore. In the case of surface wetting, the membrane still provides a liquid/vapor
interface for separation, whereas in the case of partial wetting, scaling due to feed
evaporation can occur inside the pores along the meniscus [114, 115]. Furthermore, crystal
development within the pores enhances the pace of scale formation by preventing the
diffusive transit of solutes and solvents between wetted pores and the feed bulk, hence
increasing solute concentrations locally. Under some situations, however, the liquid incursion
into the pore has been seen to generate a brief flux increase due to the shorter vapor diffusion
route through the dry section of the pore.

Partial wetting might occur as the feed liquid penetrates further into the membrane pores. If
the majority of pores are still dry, the MD procedure can still work. However, partial wetting
where the pores are blocked by organic or/and inorganic compounds can reduce distillation
flux due to a reduction in the active surface area for mass transport associated with partial
wetting or it can cause an increase in distillation flux, and decrease in salt rejection due to
wetting of some pores (i.e. vapor transport is overtaken by liquid transport) followed by a
rapid decrease due to steady blockage of pores by foulants depending on the experimental
conditions [82, 116]. Partial wetting also causes distillate water quality to deteriorate.
Surprisingly, all of the hydrophobic membranes employed in MD, such as PP, PTFE, and PVDF,
have demonstrated partial wettability over time [117].

In the case of full wetting, the MD membrane ceases to function as a barrier, the feed liquid
completely floods the membrane, resulting in a viscous flow of liquid water through
membrane pores, rendering the MD process inoperable [86, 115].

The pore-wetting issue is always connected with hydrophobic MD membranes. Wetting limits
MD for various applications, including desalination, the removal of trace volatile organic
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compounds from wastewater, and the concentration of ionic, colloidal, or other non-volatile
aqueous solutions, as well as other solutions with a high fouling tendency. Significant partial
wetting into the membrane, similar to employing thinner membranes, may increase its
effective thermal conductivity and hence reduce the MD thermal efficiency, resulting in a
drop in distillation flux. Yet, when complete pore wetting occurs as a result of water bridging,
the membrane's water flow increases over time as salty water also penetrates the membrane
pores, resulting in a decrease in salt rejection. [86, 118, 119].

LEP reduces when organic substances or surfactants are present in the feed solution, and the
membrane pores may get wetted. As discussed before LEP is affected by pore diameter, pore
geometric structure, and also the surface tension of the feed solution, and the contact angle
between the membrane surface, and liquid. However, LEP cannot adequately explain the
process of membrane wetting [120].

Although avoiding wetting in MD is the most important process requirement, it has not been
well explored, and only a few studies have attempted to overcome wetting difficulties in MD
membranes. Some writers have researched how to increase the hydrophobic characteristics
of membranes by using innovative materials or by changing surface chemistry and surface
geometry using nanoparticle coating and surface fluorination. However, when addressing
feed solutions containing large concentrations of surface-active species, these membranes
are still sensitive to pore wetting [121].

So far, no membrane has been developed that can withstand both wetting and fouling. An
omniphobic membrane that has been demonstrated to resist surfactant wetting is actually
oleophilic underwater. Oil droplets in the feed easily fouled an omniphobic membrane,
reducing distillation flux by obstructing the membrane pores. A composite membrane with
an in-air hydrophilic surface that is fouling resistant, on the other hand, failed to reduce
surfactant wetting of the membrane [69, 115, 122, 123]. Small amphiphilic chemicals can
easily penetrate the membrane surface and damage the hydrophobic substrate. MD may
become broadly useful in desalinating hypersaline wastewater with complicated
compositions if a new membrane that is both wetting and fouling-resistant can be developed.

An omniphobic membrane, which can resist wetting to both water and low surface tension
liquids, has recently been proposed as an MD membrane. M. Elimelech and Tung created
omniphobic membranes for MD with hierarchical re-entrant topologies using fluorinated
nanoparticle deposition on microporous nanofiber substrates [124, 125]. Despite the fact that
the modified membranes were omniphobic, the production processes were difficult and
required many modification steps.

The olive oil manufacturing process generates a substantial amount of watery waste, which
is referred to as 'olive mill wastewaters' (OMW). OMW discharge in water reservoirs
(groundwater, surface waters, seashores, and sea) without pre-treatment causes serious
difficulties for the entire ecosystem since OMW effluents have low pH and biodegradability,
as well as exceptionally high solids and organic component concentrations. One of the
research looks at the use of MD to treat waste water with OMW. El-Abbassi et al. focused on
pre-treatment options before to MD and discovered that microfiltration outperformed
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coagulation/flocculation [111]. Gryta and Karakulski evaluated the effect of crude oil
concentration and discovered that greater oil concentrations resulted in membrane wetting
and hence lower permeate quality [82]. Membrane fouling due to the affinity between the
hydrophobic oil and the hydrophobic membrane, and the organic compounds sufficiently
lowering the liquid surface tension to wet the membrane. Furthermore, surfactants,
amphiphilic molecules that stabilize oil emulsions, can reduce surface tension and enhance
the likelihood of membrane wetting.

Membrane wetting is a well-known problem in MD processes, and the research discussed
above has thrown some insight into how to improve MD for handling oily feeds. However,
there is a knowledge gap on which of the three essential ingredients in real oily wastewater
streams (oil, surfactant, and salt) has the most critical influence on MD performance, which
inhibits the use of MD for such purposes.

1.4 Outline of thesis

After the literature study we discuss the experimental part where we report on reliable
fabrication technology to create a new class of non-fluorinated superhydrophobic
membranes, using silicone nanofilaments (NFs) coating of commercial microporous
membranes. At the start of this research, the NF coatings were tested on several hydrophilic
membranes such as polyethersulfone (PES), cellulose acetate (CA), and hydrophobic
membrane polyvinylidene fluoride (PVDF), polytetrafluoroethylene (PTFE) with varying pore
sizes. Even without surface fluorination, the nanofilament-coated membranes exhibit
exceptional superhydrophobicity when compared to commercial membranes. The wetting
properties of the fabricated NF-coated membranes were evaluated by determining the liquid
entry pressure (LEP), water contact angle, water sliding angle, and gas permeability to
carefully consider mass transfer resistance, and distillation flux to assess MD performance.
The minimum pressure required by the liquid to enter the membrane pores is denoted by
LEP, and the LEP value should be as high as feasible to avoid membrane wetting. According
to the testing results, the fluorine-free nanofilament coating might very well greatly raise the
LEP of coated membranes, avoiding wetting of membranes with large pore diameters. More
crucially, because the coating thickness can be adjusted within micrometers, the
nanofilament-coated membranes can retain excellent vapor diffusion over large pores. We
show experimentally that the maximum LEP of NF-coated membranes can surpass 11.5 bar,
more than double the value of commercial membranes with 0.2 um pore size. Considering all
substrates, nanofilament coating on PES membranes exhibits excellent results with a 45 to
60% increase in distillation flux compared to commercial polytetrafluoroethylene (PTFE) and
polyethylene (PE) membranes in normal desalination where the feed water consists of pure
salt water.

Membrane fouling and wetting are the major challenges for the long-term MD process. After
achieving successful results with standard desalination, NF-coated PES membranes were
selected to study the anti-fouling and anti-wetting performance. One of the principal
membrane foulants in wastewater treatment has been identified as protein-like molecules.
Because of the significant foulant-membrane affinity, the hydrophobic membrane surfaces
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exhibit an exceptionally high potential to become fouled by proteins during the MD process.
To examine anti-fouling effectiveness, bovine serum albumin (BSA) is used as a model organic
foulant protein. The surface morphology of membranes exposed to BSA was studied using a
scanning electron microscope, and the amount of BSA adsorbed on the membrane surface
was measured in real-time using confocal microscopy. We also studied the BSA fouling in MD
by comparing the distillation flux and salt rejection for hydrophobic PTFE membranes, and
superhydrophobic NF-coated membranes. The presence of low surface tension impurities in
the feed solution, such as surfactants, causes membrane wetting during MD fouling. Sodium
dodecyl sulfate (SDS) is employed as a model contaminant for low surface tension foulant in
this investigation. To evaluate SDS fouling, the presence of SDS on the membrane surface was
investigated using Fourier transform infrared spectroscopy (FTIR). The manufactured
composite NF-coated PES membranes have a superhydrophobic surface with strong anti-
fouling and anti-wetting properties, indicating a viable application for MD. In comparison to
standard PE and PTFE membranes, we found that NF-coated PES membranes had little or no
adsorption of BSA protein. In the case of surfactants, we investigated the wetting qualities of
membranes in the presence of SDS, and NF-coated PES membranes outperform conventional
PE and PTFE membranes in terms of liquid repellency.
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2. Fabrication of superhydrophobic porous
membrane

This chapter describes a reliable fabrication technology to create a new class of non-
fluorinated superhydrophobic robust membranes for distillation. Using this technique,
silicone nanofilaments are coated on commercial polyethersulfone (PES), cellulose acetate
(CA), polyvinylidene fluoride (PVDF), and polytetrafluoroethylene (PTFE) membranes with
various pore sizes.

Major issues in MD involve low permeate flux, membrane pore wetting, long-term stability,
and membrane fouling. To enhance the MD efficiency, an ideal membrane should maximize
the membrane pore size and porosity, leading to high distillation flux and requiring fewer
materials for manufacturing. However, in conventional membranes, increasing pore size is
limited (to typically £ 0.2 um) to maintain the required high liquid entry pressure (LEP) to
prevent membrane wetting. Here, LEP is the minimum pressure required by the liquid for
entering the membrane pores and the LEP value should be as high as possible to prevent
membrane wetting. As these two points contradict each other, our approach is to use
commercial core membranes with larger pore sizes and then add a much thinner
superhydrophobic layer of silicone nanofilaments (NFs) on both sides as shown in Figure 12
to form the multiscale porous membrane [126-128]. Hence the microporous inner layer gives
higher flux and the nanoporous outer layer improves the wetting resistance.

In the emerging field of membrane distillation, PTFE and PE membranes are commonly used
due to their stable hydrophobic surface chemistry. We have therefore chosen such
membranes as reference standards. This study uses DCMD and AGMD configurations to
compare the novel NF-coated membranes with commercial PTFE and PE membranes.

Porous
membrane

T¢

Hot feed
saline

Nanofilament
coating

Figure 12: Design of multi-scale porous membrane with nanofilament coating
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For creating the superhydrophobic coating on commercial membranes, polysiloxane NFs
were grown on the surface via the hydrolysis of trichloromethyl silane (TCMS). To fabricate a
homogeneous water-repellent layer of nanofilaments, the membrane surface needs to be
hydrophilic. The presence of polar functional groups and hydroxyl groups on the surface is
required.

For fabrication, the commercial membranes are first activated via oxygen plasma (Diener
electronic GmbH & Co KG - Plasma-Surface-Technology, Germany) with the following
parameters, 90 W for 2 min at a flow rate of 6 cm3/min to create hydroxyl groups on the
surface. After plasma activation, the hydrophilic membranes are immersed in an organic
solvent containing TCMS and trace amounts of water. By judiciously adjusting the water
content in the solvent to 180 ppm, TCMS can hydrolyze in a proper manner. These hydrolyzed
silane molecules then react with the hydroxyl groups on the membrane surface and induce a
surface polymerization of polysiloxanes, forming silicone NFs (Figure 13). The methyl groups
on the NF surface make them a low surface energy material. Furthermore, the coiled and
interwoven structure of nanofilaments leads to an overhanging morphology with inward
curvature. This combination of low surface energy and surface topography renders the NF-
coating superhydrophobic and can stabilize an air cushion below the liquid-solid interface and
maintain the so-called Cassie—Baxter wetting state.
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Figure 13: Reaction mechanism for nanofilaments formation on the surface

In the initial part of the study, we successfully coat the nanofilaments on commercial
hydrophilic membrane PES. The nominal pore diameter (average pore diameter according to
manufacturer specifications) of the PES membranes ranges from 0.1 um to 8 um, which is
suitable for developing multilayer membranes with hierarchical pore sizes. For convenience,
the notation “Membrane material - Nominal pore diameter”, e.g. PES-8 for PES membranes
with 8um pore size will be used throughout this thesis. After achieving successful results on
hydrophilic PES membranes, we implemented similar coatings on hydrophilic CA,
hydrophobic PVDF, and PTFE membranes.
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The porous hydrophilic membranes used in this study were PES membranes which were
provided by Sterlitech corporation with a nominal thickness of 110-150 um and hydrophilic
CA membranes were supplied by Dorsan filtration and labsolute. Also, hydrophobic PVDF
membranes were supplied by Dorsan filtration and hydrophobic PE membranes were
supplied by Solupor membrane (Lydall performance materials). PTFE membranes were
supplied by Donaldson filtration solutions. The average thickness of the PE membrane is 110
um and the mean pore size is 0.2 um. The PTFE membranes have polypropylene (PP) as a
substrate, the total average thickness is of 150 um and the mean pore size is of 0.2 um.

2.1 NF coating on PES membrane

As shown in Figure 14, the NF on PES membranes forms a network structure covering the top
surface of the membrane completely including the large pores. Even for a PES-8 membrane
with a nominal pore diameter of 8 um, the NFs still can cover the majority of the openings on
the top surface.

Figure 15 shows the cross section image of NF-coating on the PES-8 membrane. We can clearly
observe a layer of NFs created on top of the membrane. Growth of NFs within the inner
porous structure does occur as well, but the formed inner coating is sufficiently thin to avoid
a significant change in membrane porosity and pore size. This low coating coverage inside the
membrane may originate from a lower efficiency of plasma treatment within the membrane
and a lower growth rate due to the longer diffusion distances for hydrolyzed silane. As the
maximum thickness of the NF layer is ¥~500 nm, we can expect that the inner coating will not
strongly hinder the vapor diffusion inside the membranes.
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Figure 14: SEM images of (a, b) original PES-8 membranes with pore size of 8 um and (c, d)
nanofilament coated PES-8 membrane. Images b and d are magnified versions of a, and ¢
respectively.

28



Nanoporous outer layer

Figure 15: SEM images showing the (a, b) cross section of nanofilament coated PES-8
membrane. Images b is magnified view of a.

2.2 NF coating on CA membrane

After having successful coated nanofilaments onto PES membranes, our next target was to
try coatings on other hydrophilic membranes to prove the universality of our approach.
Cellulose acetate (CA) membranes with different pore sizes ranging from 0.22 um to 5 um
were used. Even in case of CA membranes, they demonstrate the similar results of NF-coating
morphology compared with the PES membranes (Figure 16). However, we note that some
surface openings cannot be perfectly covered by the network of nanofilaments, probably
owing to the different original surface topography of CA membranes.

Figure 16: SEM images of (a, b) original CA-5 membranes with pore size of 5 um and (c, d)
nanofilament coated CA-5 membrane. Images b and d are magnified versions of a, and ¢
respectively.
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2.3 NF coating on hydrophobic membranes

Similar coatings were then studied on hydrophobic membranes such as PVDF (Figure 17) and
PTFE (Figure 18). SEM images show a morphology identical to hydrophilic membranes PES
and CA covering majority of the pores. As a result, it is obvious that these coatings are fairly

general and easy to apply to diverse materials.

Figure 17: SEM images of (a, b) original PVDF-0.45 membranes with pore size of 0.45 um
and (c, d) nanofilament coated PVDF-0.45 membrane. Images b and d are magnified
versions of a, and c respectively.

PTFE membranes are chemically stable and inert in general, making them acceptable for use
with harsh organic solvents, strong acids, and alkalis. As a result, we sought to see if the PTFE
membrane substrate promotes NF development following treatment with oxygen plasma.
Surprisingly, the morphology of NFs covering the membrane surface was comparable also in
case of PTFE membranes (Figure 18).

30



Figure 18: SEM images of (a, b) original PTFE-1 membranes with pore size of 1 um and (c, d)
nanofilament-coated PTFE-1 membrane. Images b and d are magnified versions of a, and ¢
respectively.

The optimized manufacturing conditions for various core membranes is identified after
repeated testing and modification, as shown in Table 1.

Table 1: Fabrication protocol for all membranes

Membrane Concentration of | Reaction
. Pre-treatment Solvent .
material TCMS time
1:1 mixture of saturated
PES heptane (water content: 90 | 0.2 ml TCMS per
ppm) and toluene (water 100 ml solvent
0, plasma, content: 270 — 275 ppm)
90W for 2
PVDF min, 7 sccm
oxygen flow 16 hours
rate
Toluene (water content: 165 | 0.1 ml TCMS per
PTFE —170 ppm) 100 ml solvent
CA Hexane r!nse
for 2min
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3. Membrane characterization

3.1 Characterization methods
3.1.1 SEM

Membranes to be tested were imaged by scanning electron microscope (SEM) Zeiss LEO 1530
Gemini SEM and to improve conductivity samples were coated with a 7 nm platinum layer
using CCU-010 compact coating unit.

3.1.2 Gas permeability test

Gas permeability test is employed to analyze the mass transfer resistance of NF-coated
membranes [129]. The experimental apparatus used for the measurements is shown in Figure
19 b. The membrane to be tested is mounted on the membrane holder (Figure 19 a) which
was connected to the nitrogen source. When nitrogen flows through the tested membrane,
the transmembrane pressure was measured by manometer and permeation flux was
obtained by precise flow sensors (SMC Deutschland GmbH, PFMV505-1 and PFMV530-1). In
this study, we characterized the gas permeability of tested membranes with effective area of
63 mm?under transmembrane pressures from 0 to 70 mbar.
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Figure 19: (a) Filter holder (b) Image of gas permeability testing setup.

3.1.3 Liquid entry pressure (LEP) test

The liquid entry pressure (LEP) is defined as the minimum transmembrane pressure that is
required for the feed solution to penetrate the membrane pores. Therefore, the hydrostatic
pressure during operation should be lower than LEP to avoid membrane wetting [130]. LEP is
a significant characteristic of MD membranes and should be as high as possible. The pressure
depends on the pore size, the hydrophobicity, and the surface morphology of the membrane.

In this work, LEP of tested membranes was measured by using a custom designed apparatus
(Figure 20 a). The membrane is mounted inside a filter holder, which connects to a syringe
pump. By pumping the salty water into the holder with a very low and constant flow rate (1
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mL/min), the hydrostatic pressure applied on the tested membrane gradually increases. The
pressure was monitored using a pressure sensor and the data was recorded using a data
acquisition system (Figure 20 b). Once the applied pressure exceeds the capillary pressure of
the membrane pores, liquid penetrates the membranes, leading to a pressure drop. The
obtained peak in the pressure vs. time plot value gives the LEP of tested membrane.

1 LEP value

A

4.5 T T .
1800 2000 2200 2400

Figure 20: (a) Schematic of LEP testing setup (b) Image of LEP testing setup. (c) Pressure in
membrane holder as a function of time during a typical liquid infusing process.

3.1.4 Contact angle

The water contact angle on tested membranes (PE, PTFE, fluorinated, and NF-coated
hydrophilic membranes) is measured to characterize the surface wettability. The static
contact angle and droplet sliding angle of a water droplet with a volume of 5 ul were
measured using the DataPhysics OCA35 goniometer. The static contact angle and sliding angle
were determined by 3 — 5 individual measurements at different positions of each samples.

3.1.5 AGMD setup

For testing the performance of our membranes, our Air Gap Membrane Distillation (AGMD)
setup was used. The operating parameters of all AGMD tests are listed in Table 2. The
temperatures and flow rates of feed and cooling water are chosen based on the
recommendation values in a pilot AGMD system and literature studies. All the MD
experiments were carried out over 48 hours to test the membrane durability for long-term
operation.

33



Table 2: Operating parameters for AGMD tests

Variables Value Units
Feed temperature, Tt 75-80 °C
Feed flow rate, V¢ 1 L/min
Coolant temperature, T 15-20 °C
Coolant flow rate, V, 2.0 L/min
Air gap width, &, 35 mm
Effective membrane area, A 19.22 cm?
Concentration of NaCl 3.5 wt%
Feed conductivity @ 22 °C, of 54 mS/cm
Test duration, t 48 h

AGMD tests were carried out with the use of a custom-built AGMD setup that included an
AGMD module, feed water and coolant circulating loops, a digital balance, a conductivity
meter, and a data collecting system (Figure 21). The membrane under test was installed in
the AGMD module between a feed flow channel and a condensing surface. A 0.5 mm thick
support mesh was utilized to keep the membrane in a planar shape and decrease membrane
deformation caused by the pressure differencel between the feed flow and the air gap. To
establish the requisite air gap in the MD module, an acrylic spacer was employed. The overall
width of the air gap between the membrane and the condensing surface was 3.5 mm.

Using a magnetic coupling water pump, feed saline water was heated to the required
temperature and fed to the AGMD module. The coolant flow loop used a chilled water bath
circulator to manage the condensing surface temperature (F25-HE, Julabo). Distilled water
was collected in a glass flask as it slid down the condensing surface by gravity. For calculating
the distillation flow of tested membranes, a digital balance (SPX 2202, Ohaus) continually
recorded the weight of collected distilled water. The conductivity meter was used to measure
the conductivities of feed and distilled water in order to calculate salt rejection during
membrane distillation.

To monitor the liquid temperature at the inlet and exit of the feed flow channel and coolant
flow channel, four Pt100 temperature probes (PM-1/10-1/8-6-0-P-3, Omega) were used. To
continually monitor the flow rate and pressure in the feed and coolant loops, two flow meters
(FT110, Gems) and two pressure transducers (IPSLU-M12, RS-Pro) were put in the pipelines.
The AGMD testing setup's sensors were all electrically coupled to a data collecting system
comprised of two National Instruments (NI) analog input modules (PCl 6251 and NI-9216).
During the MD tests, the measured data was sent to the computer, which could be watched
in real-time and saved using self-written LabView programs.
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Figure 21: (a) Schematic of the air gap membrane distillation (AGMD) testing system.(b) Air
gap membrane distillation testing setup

3.1.6 DCMD setup

The acrylic gap spacer and condensing surface from the MD module were removed and
replaced by a silicone rubber gasket on both sides of the membrane to prepare the DCMD
configuration. This puts the membrane under test in direct contact with the salty feed water
on one side and the cooling water on the other side. In the case of DCMD, the distilled water
produced goes directly into cooling water tank. As a result, the distillation flux is calculated
from the increase of the water level in the cooling water tank during the experiment. All of
the other sensors were identical to the ones used in the AGMD configuration.

It should be emphasized that all of these characterization configurations were developed by
postdoctoral researcher Dr. Youmin Hou during his stay at MPIP.

3.2 Results and discussion

3.2.1 Gas permeability data

The additional layer of NFs on the membrane surface could create significant mass transfer
barrier for vapor diffusion in NF-coated membranes. So it is not a priori clear, if the comination
of NF layers with large pore size core membranes can give higher overall flux compared to
standard commercial MD membranes Therefore, to get a first impression of the possible mass
transfer for the different membranes, we measured the gas permeability of bigger pore size
NF-coated membranes, commercial PE-0.2, and PTFE-0.2 membranes before carrying out the
more complex and time-consuming MD distillation experiments.
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PES membrane

Figure 22 depicts the observed gas permeation flow vs transmembrane pressure for
commercial PE-0.2 and PES-3 membranes before and after nanofilament coating. The
permeation flux of nanofilament coated PES-3 membranes is 60% lower than that of virgin
PES-3 membranes. Because of the large pore size of the inner part, NF-coated PES-3
membranes displayed ten times higher nitrogen flow than the ordinary PE-0.2 membrane.
When paired with high pore size core membranes, the improved gas permeability of NF-
coated PES membranes demonstrates that the nanofilament coating not only improves the
non-wetting quality of the membrane surface but also ensures a sufficiently low mass transfer
resistance for effective vapor transport.
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Figure 22: Gas permeation flux as a function of flow pressure for PE-0.2 and NF-coated PES
membranes.

CA membrane

Using the same setup shown in Figure 19, gas permeability data for CA membranes were
obtained. Figure 23a shows the measured gas permeation flux as a function of the
transmembrane pressure for CA membranes before and after nanofilament coating. For CA-
5 membranes, the permeation flux is reduced by 30% due to nanofilament coating. Still
because of larger pore size of inner section, NF-coated CA-5 membranes show approximately
8 times more nitrogen flow compared to the commercial PE-0.2 membrane (Figure 23 b). The
enhanced gas permeability of NF-coated CA membranes indicates that the composite
membrane with nanofilament coating and CA core membrane can ensure a low mass transfer
resistance for efficient vapor transport.
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Figure 23: Gas permeation flux as a function of flow pressure for (a) CA membranes before
and after NF coating (b) for NF-coated CA membranes in comparsion to commercial PE-0.2 ,
PTFE-0.2 membranes.

PTFE membrane

Later also NF coated PTFE membranes were evaluated for gas permeability and compared
with original ones. The permeation flux of NF-PTFE-1 is nearly double that of PTFE-0.2 (Figure
24).
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Figure 24: Gas permeation flux as a function of flow pressure for PE-0.2 and NF-coated PES
membranes.

The increased gas permeability of all NF-coated membranes with different substrates
indicates that the nanofilament coating not only improves the membrane surface's
nonwetting feature but also ensures a sufficiently low mass transfer barrier for effective vapor
diffusion.
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3.2.2 LEP data

LEP is the key parameter in membrane distillation to determine how wettable a membrane is
to different liquid solutions. After verifying that NF-coated membranes have greater gas
permeation flux than commercial hydrophobic membranes, the wetting resistance of these
membranes is tested. As with hydrophilic membranes, they would get wet rapidly as water is
absorbed by the membrane. Therefore, the hydrophilic membranes are first fluorinated and
then compared to NF-coated and commercial membranes.

PES membrane

NF-coated PES-0.1 and PES-1.2 membranes exhibited extremely high LEP which exceeded the
limit of our testing setup (11.5 bar). As the pore size of NF-PES membranes increases to 3 um,
the LEP of NF-coated membrane gradually goes down but stays above 4 bar for all cases. The
reason for a decrease in LEP value can be due to the imperfect growth of nanofilaments with
larger pore sizes. Also, the effective pore diameter of the NF-PES-3, NF-PES-5, and NF-PES-8
membranes was still smaller than 0.3 um according to the theoretical estimation of the
Young-Laplace model. LEP values of all NF-coated PES membranes are well above the safety
threshold values which is 2 bar (below threshold values the membranes will be more
susceptible to wetting) hence they can easily be used for MD (Figure 25).
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Figure 25: Liquid entry pressure as a function of nominal pore diameter for the
nanofilament-coated PES, PE, and fluorinated PES membranes. The dashed line denotes the
theoretical prediction of LEP for single-scale porous membranes from the Young-Laplace
equation.
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CA membrane

Nanofilament coated CA membranes exhibited LEP values well above the safety threshold
value of 2 bar except for CA-5 with the largest pore size. For LEP values of less than 2 bars,
there is some risk of membrane wetting during the distillation operation.

8

PE-0.2 NF- NF- NF- NF-
CA0.2 CA065 CA1.2 CAS5

Figure 26: LEP values for commercial PE-0.2 and nanofilament coated CA membranes with
different pore sizes

PVDF & PTFE membranes

The LEP values show that NF-coating significantly enhances the wetting resistance of
hydrophobic membranes (Figure 27). In this respect, hydrophobic membranes with larger
pore sizes may be used in MD to produce higher distillation flux. As PVDF membranes were
hydrophilic in nature when supplied by the supplier, they were fluorinated and then used for
LEP testing.
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Figure 27: LEP values for original and NF-coated hydrophobic PVDF and PTFE membranes
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3.2.3 Contact angle data

Water contact angle and sliding angle were measured on all the membranes. However, in the
case of a hydrophilic membranes, they were fluorinated before the measurement.
Fluorination and NF-coating have been shown to efficiently lower the surface energy of
hydrophilic membranes. All the NF-coated PES, PVDF, and CA membranes exhibit the same
super-water repellency after being coated with nanofilaments (Table 3). When compared to
fluorinated membranes, the NF-coated membranes exhibit exceptionally low sliding angles
indicating that NF coating can not only have a smaller structure but also a lower surface
energy. However the fluorinated membranes are not superhydrophobic because the surface
energy is not low enough.

Table 3: Contact angle measurement of tested membranes

Sample Contact angle / ° Sliding angle / °
PE-0.2 129+3 42+5
PTFE-0.2 140+ 2 25*6
PES-1.2 136+ 3 sticking / no sliding
Fluorinated PVDF-0.2 148 £ 2 551
CA-0.2 139+2 601
PES-1.2 155+ 2 <1
NF-coated PVDF-0.2 156+ 2 <1
CA-0.2 155+2 <1

3.2.4 Durability of membranes

Immersion in Milli-Q @ RT

To verify the long-term stability of PE, PTFE and NF-coated membranes, they were immersed
in Milli-Q water at room temperature for as long as 30 days. Hydrophobic PE and PTFE
membranes were used as a comparison with NF-coated membranes by evaluating the
degradation in their wetting properties after 7 days and 30 days. The membranes to be tested
were dried under nitrogen stream and used for measuring water apparent receding contact
angle 6,%PP and contact angle hysteresis B¢ap. After 7 days of immersion, the commercial PE
and PTFE membranes exhibit clear degradation in their wetting properties. For hydrophobic
PE membranes the 0,°PP deteriorates from ~98° to ~40° (Figure 28 d), indicating the
considerable loss of liquid repellency. Likewise, the rising of 8cay on PE membranes also
reflects the increasing hydrophilicity on surface. For hydrophobic PTFE membranes,
0,%PP also deteriorates from ~116° to ~64° along with increasing 8¢y to ~75°. However the
nanofilament coated membranes maintained their super liquid-repellency with prp > 150°
and B¢y less than 10° (Figure 28 e).
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Subsequently after 30 days of immersion test, the commercial PE and PTFE membranes
degrade further with 8,%PP of ~12° and ~45° and O,y of ~84° and ~75°, respectively,
indicating complete loss of surface hydrophobicity. Nanofilament coated membranes show
loss of superhydrophobicity with 8,.2PP of ~121° and 8¢y of ~35° (Figure 28 g,h,i), but are
still very hydrophobic.

PE-0.2 PTFE—-0.2 NF — coated PES
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ACA:115+3[ 125+ 2| ACA: 129+ 3| 156 +2 |ACA: 15613
RCA 40 +3 RCA 64 +3 RCA 1532
<) h i
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ACA:96+6 [ .5 ACA:120%5 [150 + 5 | ACA: 156 % 3
RCA:12+2 RCA: 45 + 3 RCA: 121 +2

Figure 28: Membrane surface before (a,b,c) and after 7 days (d,e,f) , 30 days (g,h,i)
immersion in Milli-Q water at room temperature

Immersion in distilled water at 80 °C

Membranes must be in contact with hot water for hours or days during MD desalination,
which might change their physical characteristics and surface chemistry [131, 132]. PE, PTFE,
and NF-coated PES membranes were submerged in Milli-Q water at 80 °C for up to 1 month
to assess the potential deterioration of membrane surfaces. After immersing membranes for
7 days, 15 days, and 30 days and drying the membrane surfaces under a nitrogen stream, we
evaluated the apparent receding contact angle 0,°PP for water and the contact angle
hysteresis Ocay.

It was obvious that the hydrophobic PE membrane loses its hydrophobicity when immersed
in Milli-Q water at room temperature; however, it was surprising to see that after 7 days of
immersion at high temperatures, even the hydrophobic PTFE membrane begins to degrade
and loses its hydrophobicity with a 8,%P? of 42 °, which decreases to 25 ° after 1 month,
with Bcay of ~ 90 °only after 7 days of immersion. NF-coated membranes, on the other hand,
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are still hydrophobic with 8,.2PP of 138 °and 0.,y of ~ 12 ° after 30 days of immersion (Figure

29).
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Figure 29: Membrane surface before and after 7 days, 15 days, and 30 days immersion in
Milli-Q water at 80 °C.

Immersion in salt water @ 80 °C

Following the investigation of the impact of immersion in Milli-Q water at high temperatures,
the membranes were submerged in NaCl water at the same concentration as seawater (35
g/l). In this circumstance, the hydrophobicity of all membranes degrades considerably

quicker.

Unexpectedly, the 8,%PP of PTFE membranes reduces to ~ 33 °in 7 days which falls even more

~ 19 °in 1 month. In this case, even NF-coated membranes show degradation with 8¢ay
of > 85 °. It seems that the salt ions present in water increases the process of hydrophobicity
loss, and quicker deterioration of the membranes (Figure 30).
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Figure 30: Membrane surface before and after 7 days, 15 days, and 30 days immersion in
salt water at 80 °C.

Exposure to acid conditions (18% HCI)

MD is one of the potential membrane processes that is still being researched [25, 101]. In
order to check the chemical stability of NF-coated membranes in harsh conditions like acids,
we examined the deterioration of wetting characteristics of NF-coated PES, NF-PVDF, and NF-
PTFE membranes after 3 hours immersion in 18% HCI solution. The NF-PTFE and NF-PVDF
membrane exhibits no pinning of a water droplet even under extreme circumstances (Figure
31 b, c). However, NF-PES membrane shows unambiguous pinning of a droplet to the
membrane surface (Figure 31 a). This leads to the conclusion that the surface chemistry of
nanofilament coated hydrophilic substrate PES appears to be more influenced than PVDF and
PTFE. To investigate further, other tests such as SEM/EDX and FTIR must be performed.
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Figure 31: Membrane surface before and after 7 days, 15 days, and 30 days immersion in
salt water at 80 °C.

3.2.5 AGMD performance
3.2.5.1 PES membrane

To compare the distillation performance for different membranes, we plot the correlation
between the distillation flux and water conductivity (Figure 32 a). It is vital to monitor the
conductivity of the water produced on a regular basis, since an increase in conductivity
indicates a salt leak into the permeate side. Depending on the amount of leak, the distillation
flux may rise. All the NF-coated PES membranes show a high salt rejection during 48 hours
MD test with a feed temperature of 80 °C and coolant temperature of 20 °C . The conductivity
of collected water fully meets the criteria of distilled water (0.5 to 3 uS/cm). The MD fluxes of
NF-coated PES membranes rise obviously with an increasing nominal pore size of the original
membranes. When the nominal pore diameter of the NF-coated PES membrane increases to
5 um, we observe a significant increase in distillation flux, which is more than 80% higher than
the NF-coated PES-0.1 membrane. Compared with the MD flux of commercial PTFE-0.2
membrane (11.0 L m2 h!), the NF-coated PES-5 membrane also shows 40% enhancement of
distillation rate (15.6 L m2 h'!). The NF-coated PES-8 membrane also demonstrates a durable
desalination performance (permeate conductivity = 1.36 uS/cm), as the LEP (5 bar) is well
above the threshold value (1.5 bar). Owing to the large porous paths inside the membrane,
the NF-coated PES-8 membrane achieves 60% higher MD flux than the commercial PE-0.2
reference membrane. On the contrary, all the fluorinated PES membranes show leaking issues
with salty feed water penetrating during distillation process. Although the LEP values of the
fluorinated membranes are higher than the hydrostatic pressure of feed flow, the
conductivity of permeate water with values ranging from 400 uS/cm to 13500 pS/cm clearly
indicates salt penetration. The experimental results shown in Figure 32 a clearly demonstrate
that our nanofilament coating is capable of converting the hydrophilic polymeric membranes
into superhydrophobic membranes with excellent membrane distillation performance.
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Figure 32: (a) Experimental distillation flux as a function of conductivity of produced water
for 48-hour MD test. (b) Distillation flux as a function of liquid entry pressure for the
commercial PE benchmark membranes

The ideal membrane for distillation should combine high LEP value and distillation flux.
Optimization of both aspects simultaneously in a single layer membrane by adjusting pore
size cannot work, as high LEPs demands small pore diameters, whereas distillation flux will
profit from large pores and high porosity. Figure 32 b shows the correlation between the
distillation flux and liquid entry pressure for our NF-coated membranes in comparison to the
commercial PE membranes. The blue shaded area in Figure 32 b highlights the target area for
membranes to achieve best distillation performance. Clearly, NF-coated PES membranes offer
a significant improvement as compared to the commercial PE membranes. The NF-coated
PES-1.2, NF-coated PES-5 and NF-coated PES-8 membranes all offer higher distillation flux,
reaching an up to 60% improvement over the existing state of the art commercial
membranes. The membranes with highest flux (NF-PES-5 and NF-PES-8) do compromise on a
lower LEP compared to the PE membranes, but still exhibit sufficiently high LEP values for
stable operation with excellent salt rejection. The NF-PES-1.2 has both higher distillation flux
and LEP compared to the commercial reference. While the NF-PES-0.1 has lower flux than the
PE-0.2 membrane it would allow operation at much higher pressure gradients (that could be
used to improve flux) or operation with low surface tension liquids for applications other than
desalination.

Commercial PTFE and NF-coated membranes were evaluated for 1-week AGMD
investigations after achieving steady MD flux for 48 hours. In the instance of AGMD, NF-PES-
8 demonstrated 33% higher distillation flux than PTFE-0.2, with salt rejection greater than
99.9%. For a continuous 170-hour experiment, the NF-coated membrane exhibits a stable
flow of 5.6 L/m?h, whereas the flux of PTFE-0.2 decreases slightly with time from 4.3 L/m?h
to 4 L/m?h (Figure 33). It should be noted that the distillation flux for NF-PES membranes is
lower during the one-week experiment for two reasons. One evident difference is that the
feed temperature is lower, and the PES membrane is coated with a thick coating of NFs to
make it more resistant. The flow reduces with increasing thickness from the previous
experiment but remains larger than the PTFE membrane.
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Figure 33: AGMD water flux and salt rejection as a function of time for PTFE-0.2 and NF-PES-
8 at feed temperature of 60 °C and cooling water temperature of 20 °C.

3.2.5.2 CA membrane
Following the success of NF-coated PES membranes in AGMD, NF-coated CA membranes

were investigated. Figure 34 shows AGMD data for nanofilament coated CA membranes for
smallest pore size 0.22 um and largest pore size 5 um. Although the LEP value for this
membrane was at the border range where one expects stable wetting resistance, the NF-
coated CA-5 membrane showed stable operation during 48hrs AGMD experiments. The
conductivity of the distillate did increase slightly during the first 24 hours, but stabilized
afterwards and water quality remained in the distilled water quality range for the whole 48
hour test. However, the increase in permeate flux for the CA-5 membrane compared to CA-

0.22 was much lower than expected from gas permeability test results. Increase in water flux
is only 13% with increase in pore size of the core membrane from 0.22 um to 5 um.
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Figure 34: AGMD data for NF-coated CA-0.22 and CA-5 (a) Distillation flux as a function of
time (b) Conductivity of water produced as function of time.
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Comparison of CA membranes from different suppliers

We studied several CA membranes from different manufacturers to understand the reason
for reduced distillation flux for NF-CA-5 membranes. Figure 35 shows CA-0.22 membranes
from two different suppliers — Labsolute & Dorsan. The surface morphology of the CA
membranes are very different from both suppliers. Also the top and bottom images from
Dorsan show different morphologies where bottom side of the CA membrane exhibit more
flat surface. However, the SEM image from Figure 35 d and Figure 36 a, they both look very
similar. It means that the bottom part of CA-0.22 from Dorsan shows similar morphology to
PES-0.1 membrane which gave successful NF coatings with high wetting resistance properties.
Figure 37 shows the SEM images for cross section of CA-0.22 membranes from both the
suppliers. It is observed that CA-0.22 from Labsolute has an additional polyester web inside
the CA membrane to improve its mechanical properties. Such an additional support structure
is absent in case of CA-0.22 from Dorsan.

Figure 35: SEM images original CA-0.22 from (a,b) Labsolute with image b magnified version
of image a (c,d) Top and bottom of CA-0.22 membrane from Dorsan

Figure 36: SEM images nanofilament coated PES-0.1 membrane. Image b is magnified
version of a respectively.
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Figure 37: SEM images showing the cross section of original CA-0.22 membrane (a) with
polyester web from supplier Labsolute (b) without polyester web from supplier Dorsan.

Later, gas permeability is tested using the setup described in section 3.1.2 to examine the
influence of the polyester web on the permeability of CA membranes from both providers.
Figure 38 gives gas permeability for both CA-0.22 membranes with and without polyester
web. It is observed that without a polyester web, the nitrogen gas flow increases by 24% even
for the same nominal pore size.
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Figure 38: Gas permeation flux as a function of flow pressure for CA-0.22 membranes from
suppliers Labsolute and Dorsan.

All NF-coated CA membranes with different pores sizes were compared with NF-coated PES
membranes to compare the effect of polyester web in gas permeability data (Figure 39). It
was observed that presence of polyester web for large pore size for CA-5 decreases gas
permeability by 58% when compared to NF-coated PES-5. However when we compare NF-
coated CA-1.2 without polyester web, gas permeability is 35% higher than NF-coated PES-1.2.
This can be one reason for lower permeate flux during AGMD in Figure 34.
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Figure 39: Gas permeation flux as a function of flow pressure for nanofilament coated CA &
PES membranes with different pore sizes.

3.2.6 DCMD performance

3.2.6.1 PES membrane

For direct contact membrane distillation (DCMD), commercial PTFE and NF-coated
membranes were tested. To prepare the DCMD setup for AGMD, the gap spacer and
condensing surface on the condensate side were removed (For details see section 3.1.6).
DCMD studies were carried out at feed temperatures (Tf) of 60°C and 80°C, as well as
condensate side temperatures (Tc) of 20°C.

When compared to hydrophobic PTFE-0.2, NF-coated PES membrane with a pore size of 8 um
delivers 50% greater distillation flux at a lower T of 60°C. Even at greater Ty, the distillation
flux of NF-coated PES membrane is 27% higher than that of PTFE membrane. DCMD studies
were conducted for 12 hours and revealed steady flow in both PTFE and NF-coated
membranes with salt rejection greater than 99.9% (Figure 40).
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Figure 40: DCMD flux and salt rejection as a function of time for NF-PES-8 and PTFE-0.2 at
feed temperature of 60 °C and 80 °C, with cooling temperature of 20 °C

DCMD studies were also carried out continuously for 7 days. Even after 7 days of continuous
DCMD operation at 60°C Tr, NF-coated membranes have a 24% greater distillation flow than
PTFE membranes. For continuous long-term experiments, NF-coated membranes exhibit
steady flux of 24.8 L/m?h, but PTFE membrane flux declines with time from 20.2 L/m2h to
19.2 L/m?h with salt rejection of more than 99.9% in all cases (Figure 41). It should be
emphasized that for the one-week experiment, the PES membrane is covered with a thick
layer of nanofilament to make it more robust. With increasing thickness, the flow decreases
from the prior experiment but remains greater than the PTFE membrane.
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Figure 41: DCMD water flux and salt rejection as a function of time for PTFE-0.2 and NF-PES-
8 at feed temperature of 60 °C and cooling water temperature of 20 °C.
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4. Anti-fouling & Anti-wetting tests
4.1 Materials

Bovine serum albumin (BSA) was purchased from Sigma-Aldrich. Sodium dodecyl sulfonate
(SDS) was purchased from MP Biomedicals Germany GmbH.

4.2 Methods

4.2.1 Confocal laser scanning microscope (CLSM)

CLSM was applied to examine BSA protein adsortion on the membranes. The fluorescent dye
Nile Red was used to label the BSA protein. Confocal microscopy was performed using Leica
TCS SP8 (Leica Microsystems GmbH, Germany) with 20 x numerical aperture objective. Nile
Red was excited with 458 nm argon laser. Membranes to be tested were glued to a glass slide
and clamped onto open flow channels so that the membranes closed the channel, forming its
top. The in- and outlets of the flow channel were connected to a peristaltic pump. This pump
was used to control the continuous flow of BSA / Nile Red solution through the channel.
Membrane surfaces facing the flow channel were observed with the confocal microscope
while BSA solution continuously flowing along them. Fluorescence of Nile Red was detected
by two separate channels in the red (488nm) and green (561 nm) spectral range. Nile red
emits in red when being in a hydrophilic environment like water whereas it emits in green
when being in a hydrophobic environment like the membrane surfaces used for MD.

4.2.2 Surface tension of SDS and salt mixture

The surface tension of SDS and salt combination was tested because the values in the
literature usually referred to simply SDS or surfactant mixtures at different temperatures.
[133, 134]. When salt is added to the SDS solution, there is a drastic drop in the surface
tension of the solution (Table 4). For characterizing the wetting properties, we used 0.2 mM
of SDS with 0.59 M NaCl which has a surface tension of ~35 mN/m.

Table 4: Measured surface tension values for SDS and NaCl solution

SDS (mM) NaCl (M) Temperature Surface tension
(°C) (mN/m)
0 25 692
0.1 0.59 25 41+1
0.59 75 38z+1
0 25 55+2
0.2 0.59 25 361
0.59 75 35%1
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4.2.3 Contact angle in presence of surfactant

For investigating the wetting properties of the membranes in presence of SDS, we prepared
a mixture of 0.2mM SDS and 0.59 M NaCl. The water contact angles and contact angles with
the SDS + NaCl mixture were measured on the membranes (PE, PTFE, NF-coated PES
membranes). The static contact angle and contact angle hysteresis of a water droplet were
measured using a DataPhysics OCA35 goniometer. For the measurement, a 5 ul droplet was
deposited on the membrane surface, and later 20 ul of SDS + water droplet was added and
then removed from the droplet. The measurement was consequently repeated at three
different positions per substrate. The error of the advancing and receding contact angle
measurements is + 2 °.

4.2.4 Fourier Transform Infrared Spectroscopy (FTIR)

The absorption spectrum of distinct molecular groups is analyzed in FTIR to reflect the
presence of chemical components by wavelength and intensity. PE, PTFE, and NF-coated PES
membranes were immersed in SDS solutions with a concentration of 10 mM (surface tension:
33 mN/m) and a mixture of SDS-0.2 mM + NaCl-0.59 M (surface tension: 35 mN/m) for 1 hour
and 1 week. Later to detect the presence of SDS on the membranes, attenuated total
reflectance Fourier Transform Infrared (FTIR) spectroscopy (Bruker Tensor Il with Platinum
ATR-unit, Germany) was used. For each spectrum, 32 scans were recorded with a resolution
of 4 cm ! at room temperature. The obtained spectra were baseline corrected and then
deconvoluted over the region 4000 — 500 cm ! depending on the sample.

4.3 Results & Discussion

4.3.1 BSA fouling

4.3.1.1 SEM-data

For the first try, all the membranes were immersed in 500 mg/| BSA solution for 24 hours. The
membranes to be analyzed were then rinsed with distilled water and dried under nitrogen
before being imaged using SEM. For NF-coated PES membranes, we could not identify any
adsorbed proteins by SEM. Thus, NF-coated PES membranes are expected to be less prone to
fouling by proteins than commercial hydrophobic membranes. In contrast, layers of adsorbed
BSA cover PE and PTFE membrane surfaces (Figure 42). Such results have also been reported
by other studies [71, 135, 136].
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Figure 42: SEM images of (a, b, c) virgin PE, PTFE, and NF-coated PES membranes (d, e, f) PE,
PTFE, and NF-coated PES membranes after 24 hours immersion in 500 mg/I BSA solution.

4.3.1.2 Confocal detection of BSA adsorption

To monitor BSA adsorption in real-time, we exposed membranes to a flow of dyed BSA
solution for 1 hour while imaging the membrane surface by confocal microscopy. The dye was
excited with a 458 nm argon laser. The objective was focused near the membrane interface.
Then dyed BSA was allowed to flow along the membrane surface. The measurements were
performed within a central 1024 x 256-pixel frame. Total fluorescence intensity was measured
for 1 hour (3600 secs) with an interval of 0.357 frames/sec. The result was saved as a video
data file and then analyzed using Fiji software giving the plot of the fluorescent intensity over
time for the respective membranes.

Figure 43 a gives the increase in the intensity of fluorescence in the hydrophilic medium (Red
fluorescence) over time for PE, PTFE, and NF-coated membranes. Considering the red
fluorescent intensity equivalent to BSA adsorption in the water close to the membrane
interface, it is observed that PE membranes show about 3 times more BSA adsorption than
NF-coated membranes. However, PTFE and NF-coated membranes fall in the same range.
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Figure 43 b gives the increase in the intensity of fluorescence in the hydrophobic medium
(Green fluorescence) over time for PE, PTFE, and NF-coated membranes. In this case,
considering the emitted green fluorescent intensity equivalent to BSA adsorption on the
membrane surface, it can be concluded that PE does show approximately 3 times more BSA
adsorption than nanofilament-coated PES membranes. Also, over time PTFE membranes
show roughly 2 times more BSA adsorption than NF-coated PES membranes with an
increasing trend. Although in the case of NF-coated PES, membranes exhibit very stable
adsorption for 1-hour BSA flow.

Finally from the confocal images in Figure 43 ¢, it is observed that PE membranes show
complete coverage with a green signal confirming protein BSA is adsorbed on the membrane
surface. PTFE membranes show BSA adsorbed on some parts of the membrane but not
completely covered (Figure 43 d). However, NF-coated PES membranes show very less
intensity for the green signal compared to the red signal confirming very low adsorption of
BSA on the membrane surface (Figure 43 e). In addition, as compared to PE and PTFE
membranes, the strength of the green signal on NF-coated membranes is quite low.

2,5%10"

a)

. « PTFE-red
1,5%10" 4 : - PE-red
NF-red

1,0x10" 4

—_—

—_
o

-

14%10" 4

=
LY

*
-
o

1,0%10" 4
8,0x10"
6,0x10"

5,0x10° 4 1
4,0x10° 'M

0.0

Integrated density

Integrated density

T T T T T T T 2.0x10° T T T T T T
0 500 1000 1500 2000 2500 3000 3500 0 500 1000 1500 2000 2500 3000 3500

Time (secs) Time (secs)
(c) (d)

400 um
400 um

400 pm 400 pum 400 pm

Figure 43: Confocal microscopy data (a) Fluorescence intensity as a function of time for red
spectral range, indicative of BSA adsorbed in a hydrophilic environment. (b) Fluorescence
intensity as a function of time for green spectral range, indicative of BSA adsorptionin a
hydrophobic environment. Confocal images for (c) PE (d) PTFE (e) NF-PES membranes
(overlay of both green and red spectral ranges).

4.3.1.3 AGMD in the presence of BSA

To check for possible membrane fouling during membrane distillation, the AGMD setup
described in section 3.1.5 was used to conduct membrane distillation experiments in the
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presence of BSA. AGMD fouling experiments were conducted using 1000 mg/I BSA in 0.59 M
NaCl feed. The temperature of the inlet feed solution containing salt and BSA (Ts) was kept at
53 °C. This relatively low value of Tr was chosen based on the fact that above 53 °C, BSA starts
to coagulate. This coagulation leads to the formation of large aggregates that adsorb to the
pipes of the distillation setup and cause complete clogging of the whole system. The
temperature of the distillate inlet stream (T.) was kept at 15 °C for all experiments. The feed
and distillate volume flows were 1 L/min and 2 L/min respectively. All the AGMD experiments
were carried out over at least 48 hours. For all membranes, an initial MD run with salt water
without BSA was carried out for one hour, before switching to BSA containing salt water.

Figure 44 b shows BSA fouling results for our NF-coated PES-8 membranes compared to
commercial PTFE-0.2 membranes. In the case of the pure salt water feed solution, NF-coated
PES-8 membranes showed a ~25% higher distillation flux than PTFE-0.2 (Figure 44 a).the In
presence of BSA, the PTFE-0.2 membrane showed a ~23% decline in flux directly after
restarting the distillation experiment with the new feed solution. The NF-coated PES-8
membrane shows an almost completely unaffected flux with only a ~2% decline over 48
hours of AGMD experiments.
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Figure 44: AGMD distillation flux as a function of time for original PTFE 0.2 and NF-coated

NF-PES-8 membranes (feed temperature T of 53 °C, distillate temperature T. of 15 °C) (a)

initial run for 1h using only salt in the feed solution (b) with 1000 mg/L BSA and salt in the
feed solution.

To check the adsorption of BSA to the membranes during membrane distillation, we did SEM
imaging for the samples after the AGMD operation. Membranes were taken out of the
distillation setup, shortly rinsed with distilled water, and then dried in the air before
transferring them to the SEM. It was observed that for PTFE-0.2, a layer of BSA forms on the
membrane surface covering some areas completely and having cracks in some areas that
expose the bare membrane structure (Figure 45 b).

For the NF-coated PES membranes, we observe only very weak coverage by BSA on most of
the membrane area and no crack formation (Figure 45 d). However, more BSA seemed to
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adsorb in areas where the NF layer covers the large PES pores. In addition, shrinkage of this
adsorbed layer during drying seems to have damaged the NF coating along the pore edges,
possibly due to stress concentration at the edges during the drying process (Figure 45 d). This
should not be a problem during continuous operation of the membrane but needs to be
considered for the case of intermittent operation with complete drying in between process
cycles.

Figure 45: SEM images of (a, b) PTFE-0.2 membranes before and after AGMD operation and
(c,d) NF-PES-8 membranes before and after AGMD operation in presence of salt and BSA for
48 hours.

4.3.1.4 DCMD in presence of BSA

BSA fouling is investigated in the DCMD setup (described in section 3.1.6) for NF-PES-8 and
PTFE-0.2 membranes in the presence of BSA. DCMD studies were done for 1 hour solely in
the presence of salt. In this situation, NF-PES-8 membranes had a ~ 30% greater distillation
flow than PTFE-0.2 membranes (Figure 46 a). When 1 g of BSA is injected after 1 hour, PTFE-
0.2 membranes have an approximately 8% drop in flux in a 9 hours of DCMD experiments
with partial wetting because the conductivity is always in the range of 60 - 120 uS/cm. NF-
PES-8 membranes, on the other hand, exhibit essentially consistent flux with just a 2%
reduction in flux and salt rejection that is always greater than 99.9% (Figure 46 b).
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Figure 46: DCMD distillation flux as a function of time for original PTFE 0.2 and NF-coated

NF-PES-8 membranes (feed temperature Tr of 53 °C, distillate temperature T. of 15 °C) (a)

initial run for 1h using only salt in the feed solution. (b) with 1000 mg/L BSA and salt in the
feed solution.

4.3.2 SDS fouling

4.3.2.1 Wetting properties — SDS

In the case of PE membrane, the mixture of SDS + salt wets the membrane as the static contact
angle (SCA) decreases from ~129° to ~84°, whereas contact angle hysteresis (CAH) increases
from ~37° to ~77° indicating considerable loss of liquid repellency (Figure 47 a, d). The
hydrophobicity also decreased on commercial PTFE membranes, as SCA decreases from
~140°to ~114 ° and CAH increased from ~25°to ~67 °(Figure 47 b, e). However, NF-coated
PES membranes are still superhydrophobic with SCA of ~147° and CAH of ~31°. Hence NF-
coated PES membranes show better repellency even with SDS + salt mixture having surface
tension as low as ~35 mN/m (Figure 47 c, f).
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Figure 47: Static contact angle (SCA) and contact angle hysteresis (CAH) for pure water
(surface tension of 72 mN/m) for (a) PE (b) PTFE (c) NF-PES membranes. SCA and CAH for
0.2 mM SDS + 0.59 M NaCl (surface tension of 35 mN/m) as liquid on (d) PE (e) PTFE (f) NF-
PES membranes.

4.3.2.2 FTIR—SDS

PE, PTFE, and NF-coated PES membranes were immersed in SDS solutions with a
concentration of 10 mM (surface tension: 33 mN/m) and a mixture of SDS — 0.2 mM + NaCl-
0.59 M (surface tension: 35 mN/m) for 1 hour and 1 week. Later to detect the presence of
SDS on the membranes, Fourier Transform Infrared Spectrometer (FTIR) was used. SDS has a
distinctive peak at 1080 cm-1 and 1216 cm-1 for S=0 and S—O bonds, respectively. Also for
CH> symmetric and asymmetric stretching at 2851 cm-1 and 2926 cm™ [83, 118]. Because it
was unable to distinguish the difference in peaks from membrane or SDS in PE membranes,
the presence of SDS was detected by S—O and S=0 bonds. Figure 48 (a, b, d) shows the
immediate adsorption of SDS on PE and PTFE membranes. On the contrary, NF-coated PES
membranes did not show any distinct peaks except after 1-week immersion in the mixture of
salt and SDS, where the peak for CH, symmetric stretching with higher intensity was observed
(Figure 48 e, f).
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Figure 48: FTIR spectra for PE, PTFE, NF-coated PES membranes for original and after SDS
immersion in (a, ¢, €) 10 mM SDS (b, d, f) 0.2 mM SDS + 0.59 M NaCl for 1 hour and 1-week
immersion.

4.3.2.3 AGMD —SDS

For investigating the anti-wetting properties of the NF-coated membranes during AGMD in
presence of surfactants we used 0.01 mM of SDS with 0.59 M NaCl in the feed solution
(surface tension: 55 mN/m). The temperatures used were Ts: 65°C and Tc: 15°C. The feed and
distillate volume flows were 1 L/min and 2 L/min respectively. All the AGMD experiments
were carried out over 48 hours. NF-PES-8 membranes exhibited ~ 7 % higher distillation flux
than PTFE-0.2 with stable water flux for 48 hours and no increase in water conductivity (

Figure 49).
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Figure 49: (a) AGMD distillation flux as a function of time and (b) water conductivity over
time for original PTFE 0.2 and NF-coated NF-PES-8 membranes with 0.01 mM of SDS + 0.59
M salt at Tr of 65 °C and T, of 15 °C

AGMD experiments were also conducted with a much higher concentration of 0.2 mM of SDS
with 0.59 M NaCl (surface tension: ~ 35 mN/m). Figure 50 a represents AGMD data only in
presence of salt at feed temperature of Tr = 80 °C and a distillate temperature of T. = 20 °C
with no increase in conductivity for 48 hours long experiment. Presence of SDS in the feed
solution had no significant influence on the distillation flux (Figure 50 b). However, in the
presence of SDS the PTFE-0.2 membrane shows partial wetting as conductivity of the
permeate increases to ~ 150 uS/cm in the beginning of the experiment and gradually
increases to ~ 500 uS/cm in 48 hours using a feed temperature of Tr = 80°C and a distillate
temperature of Tc = 20°C. The NF-coated PES-1.2 membrane was also tested at same
temperatures, where we observed 17% increase in distillation flux compared to PTFE-0.2.
Under these harsher conditions, the NF-PES-1.2 membrane also exhibited a slight decrease in
wetting resistance, as the conductivity of the distillate increased to 200 uS/cm within 48 hours
which exceeds the range of distilled water quality, but is still in the range of drinking water (<
500 pS/cm).
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Figure 50: (a) AGMD distillation flux as a function of time and (b) water conductivity over
time for original PTFE 0.2 and NF-coated NF-PES-1.2 membranes with 0.2 mM of SDS + 0.59
M salt at Tr of 80 °C and T. of 20 °C

4.3.2.4 DCMD - SDS

DCMD tests using SDS 0.1 mM and 0.59 M salt (surface tension: 41 mN/m) were conducted
with PTFE-0.2 and NF coated PES-8 membranes. As shown in Figure 51, the PTFE membrane
shows minor wetting with conductivity being increased to ~100 uS/cm in 9 hours.
Nevertheless, NF coated PES membranes show ~ 6 % higher distillation flux than PTFE-0.2 but
were unsuccessfull and started to show gradual wetting after 2 hours of testing and after 9
hours the conductivity of water produced increases to ~500 uS/cm and shows increasing
trend.
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Figure 51: (a) DCMD distillation flux as a function of time and (b) water conductivity over
time for original PTFE 0.2 and NF-coated NF-PES-8 membranes with 0.1 mM of SDS + 0.59 M
salt at Tr of 60 °C and T, of 20 °C

Hence it can be concluded that NF coated PES membranes demonstrate better performance
in AGMD than in DCMD, this can be because in case of DCMD, membrane is in direct contact
with the feed side and permeate side. Thin NF coating is not stable enough for long term
contact with low surface tension liquids.
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5. Experiment with various superhydrophobic
membranes

5.1 Plasma-treated membranes

Plasma-treated PTFE membranes with pore sizes of 0.1, 0.2, and 1 um, and also hydrophilic
cellulose acetate (CA) membrane after plasma treatment with a pore size of 0.2 um were
provided by NCSR-Demokritos.

Initially, these membranes were textured inside an Alcatel Reactive lon Etcher (RIE) to induce
directional (anisotropic) etching and result in roughness creation perpendicular to the surface
of the membranes. To further explain the roughness mechanism we mention that small
amounts of etching inhibitors sputtered from the quartz plate (covering the electrode)
deposit on the surface of the polymer during Oz plasma etching (the surface concentration in
inhibitors is less than 4%). They act as local micromasks during anisotropic polymer etching
and result in nanograss formation, which grows versus time in nanofilaments, and eventually
bundled nanofilaments. The same process has been used for roughness creation in various
polymeric materials in other plasma reactors, and it is extremely reproducible. The plasma
etching inherently widens the pores thereby increasing the vapor transfer diffusion. After the
02 plasma texturing, membranes were transferred inside a high-density Inductively Coupled
Plasma (ICP) reactor equipped with a helicon source (at 13.56 MHz), the MET system of
Adixen for the deposition process. This step incorporates Octafluorocyclobutane (CaFs)
plasma to deposit a thin hydrophobic film of 30nm (as measured on flat Silicon wafer), reduce
the surface energy, and render the surface of the membranes superhydrophobic. From now
on, we will refer to the textured and hydrophobized membranes as plasma-treated
membranes. It should be stressed here that other less fluorinated or non-fluorinated gases
may be used for membrane hydrophobization, such as CHF3, or hydrocarbons. However, CsFs
plasma deposited films have lower surface energy. The plasma-treated PTFE and CA
membranes were first evaluated for standard desalination in an AGMD setup (section 3.1.5),
and then for fouling with BSA and SDS in AGMD tests.

5.1.1 Gas permeability — Plasma treated membranes

Figure 52 depicts the flow of gas permeation vs transmembrane pressure for all PTFE
membranes (plasma treated and untreated) and CA 0.22 untreated. This test evaluates the
mass transfer resistance to ensure that vapor transport through the membrane pores is
adequate when utilized in desalination. The gas permeability of PTFE 1 is, as predicted, the
greatest due to the large pore size, and at 50 mbar, the plasma treated one has a 30% greater
flux than the pristine. At the same pressure, the difference between the two PTFE 0.2
membranes is smaller, but the fluxes are almost identical in the case of PTFE 0.1. This implies
that the pore widening impact of plasma treatment is considerably more visible when the
original pores are big, and/or plasma deposition closes the hole and recovers the widening
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caused by plasma etching. Because of the distinct morphology on the surface, the pristine CA
0.22 membrane has the lowest flux, which corresponds to the highest mass transfer
resistance of all membranes.
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Figure 52: Gas permeation flux as a function of flow pressure for PTFE-0.1, 0.2 and 1 um
pore size (plasma treated and untreated) and CA-0.22 untreated.

5.1.2 Standard desalination — Plasma treated membranes

The long-term operation distillation flux as a function of time is shown in Figure 53 for all
membranes applied. The graphs with solid symbols depicting plasma-treated membranes
indicate that their performance stays steady throughout the course of the studies. On the
contrary, all untreated PTFE membranes had a lower distillation flux, and the fluxes of PTFE 1
and PTFE 0.2 dropped with time, revealing their scaling susceptibility. Untreated PTFE 1
membrane performance consistently decreases from 10.7 to 9.9 L/m2h, but plasma treated
membrane performance remains constant at 10.9 - 11 L/m?h. Similarly, untreated PTFE 0.2
flux decreases from 10.3 to 9.7 L/m?h, but plasma treated PTFE 0.2 flux remains constant at
10.8 - 10.9 L/m?h. This demonstrates that plasma treatment-induced superhydrophobicity
not only enhances flow by enlarging pores, but also generates robust and resilient structures
that can withstand wetting in long-term operations.

Furthermore, even when mass transfer resistance is essentially the same, as in the case of
treated and untreated PTFE 0.1 membranes that displayed the same flow in the gas
permeability test (Figure 52), the transformation to superhydrophobic can increase
performance. This long-term experiment further shows that the suggested method is not only
a surface functionalization technique, but has been successfully implemented in the inner
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regions of the pores, with no capillary condensation or membrane wetting detected during
MD. On the contrary plasma treated CA-0.22 membranes showed lower flux with salt
rejection rate of 99.23 % while pristine and plasma treated PTFE membranes exhibited
excellent distillation rate and salt rejection higher than 99.9 % always.
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Figure 53: AGMD performance in terms of distillation flux versus time of PTFE 0.1, PTFE 0.2
and PTFE 1 plasma treated and untreated (T - 75 °C, Tc — 15 °C) and plasma treated CA 0.22
(Tf - 65 °C, T. — 10 °C)

5.1.3 BSA fouling — Plasma treated membranes

In the case of plasma-treated PTFE membranes, all 3 membranes showed stable flux for 48
hours of experiments with no decline in water flux. Also for smaller pore sizes PTFE 0.1 & PTFE
0.2, there is no decline in distillation flux with BSA when compared with results with only salt
in the feed solution and also untreated PTFE membranes from the results above (Figure 54).
Plasma-treated CA membranes were also tested and shows ~23% increase in flux with only
salt in the feed solution when compared to PTFE-0.2. However, when BSA is added, flux stays
stable for initial 5 hours and later gradually decreases over time which after 48 hours is around
6% lower than at beginning of the experiment (Figure 54). Salt rejection in all cases is always
>99.9%.
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Figure 54: (a) AGMD distillation flux as a function of time for plasma-treated PTFE 0.1, 0.2, 1

um, and CA 0.2 membranes using only salt in the feed solution. (b) AGMD distillation flux as

a function of time for plasma-treated PTFE 0.1, 0.2, 1 um, and CA 0.2 membranes using BSA
and salt in feed solution at Tr of 53 °C and T, of 15 °C.

For examining the biofilm formation, we did SEM for the samples after AGMD. It was observed
that in the case of untreated PTFE-0.1, there is an additional layer of BSA forming on the
membrane surface covering the pores hence explaining the decline in flux during MD (Figure
55 a,b). On the contrary for treated PTFE-0.1, we observe crystals of salt depositions on the
membrane surface which is observed only when BSA combines with salt during MD (Figure
55 c,d). These crystals cover the membrane surface leaving a place in between, so flux decline
is not as severe as in the case of untreated PTFE 0.1.

Figure 55: SEM images for (a, b) Untreated PTFE-0.1 (c,d) Treated PTFE-0.1 after AGMD with
BSA and salt for 48 hours.
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Also for treated CA-0.2 membranes after AGMD, we observed similar morphology of salt
crystals and BSA depositions on the membrane surface (Figure 56 c,d)

(a) §

Figure 56: SEM images for (a,b) Untreated CA-0.2 before AGMD (c,d) Treated CA-0.2 after
AGMD with BSA and salt for 48 hours.

5.1.4 SDS fouling — Plasma treated membranes

For investigating the anti-wetting properties of the membranes during AGMD, in presence of
low surface tension surfactants in the feed solution we used 0.01 mM of SDS with 0.59 M
NaCl. The surface tension of this combination is ~ 55 mN/m. The temperatures used here are
Tr: 65°C and Tc: 15°C. The feed and distillate volumes were 1 L/min and 2 L/min respectively.
All the AGMD experiments were carried out over 48 hours to test the durability for long-term
operation.

Figure 57 shows SDS fouling results for PTFE-0.1 membranes untreated and treated ones
provided by Demokritos. The range of distillation flux for both membranes was similar for 48
hours experiment, although untreated PTFE-0.1 showed partial wetting as the conductivity of
water produced increased to ~ 300 uS/cm in 15 hours and then stays constant over 48 hours
experiment. Conversely, for treated PTFE-0.1 membranes, the conductivity of distillate
produced lies in the distilled water range for the complete 48 hours experiment.
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Figure 57: (a) AGMD distillation flux as a function of time (b) Change in distillate conductivity
as a function of time for untreated and treated PTFE-0.1 membranes during AGMD with salt
and SDS in feed solution at Tr of 65 °C and T, of 15 °C.

5.2 MOFs coated membranes

Metal-organic frameworks (MOFs) are nanomaterials that exhibit hierarchical structures with
multi-level roughness. In combination with suitable surface chemistry, they can be used to
create superhydrophobic surfaces. Along with NF-coated and plasma-treated membranes, we
have also tested of Nylon-0.22 membranes with a pore size of 0.22 um & 1.2 um, which were
coated with MOFs by our UCL partners. All samples are coated with MOFs (UIO-66-OH) via
layer by layer technique and then MOFs were post-functionalized with long alkyl chains
(octadecyl silane) to alter the wettability.

5.2.1 SEM images-MOFs-coated membranes

MOFs treated Nylon membranes show a characteristic increase in surface roughness with
highly organized and regular surface morphology (Figure 58).
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Figure 58: SEM images of (a, b) original Nylon membranes with pore size of 0.22 um and (c,
d) MOFs coated Nylon-0.22 membrane. Images b and d are magnified versions of a, and ¢
respectively.

5.2.2 Liquid entry pressure of MOFs-coated membranes

The hydrophobic surface chemistry of the MOFs in combination with their rough structure is
expected to improve the liquid repellency of the membranes. We found a liquid entry
pressure of 4.3 bar for MOFs treated Nylon 0.22 membrane, which indicates good wetting
resistance and is high enough to conduct the MD experiments (threshold pressure of 1.5 bar).
However, for a larger pore size of 1.2 um, MOFs treated membrane show an LEP value of ~2
bar which is very close to the threshold value and hence easy to wet during MD experiments
Table 5.

Table 5: LEP values for MOFs coated membranes

Membrane LEP (bar)
Nylon 0.22 43+0.6
Nylon 1.2 21+0.1

5.2.3 Gas permeability tests

Figure 59 shows the measured gas permeation flux as a function of the transmembrane
pressure for original and MOFs coated nylon membranes. MOFs coated membranes show
55% lower permeation flux at 70 mbar in comparison to the original Nylon-0.22 membrane.
Although for MOFs treated Nylon 1.2 membranes, there is ~56 to 70 % decrease in gas
permeation flux compared to the original membrane.

— T T T " T T " T " T
—~ 60004 [ © Nylon 0.22 : -
o e MOFs-nylon-0.22 -
e 4 Nylon-1.2 yvd
— 5000 —y— MOFs-nylon-1.2-yellow 7
c 4 MOFs-nylon-1.2-white | x"/
€ 4000 . .
= A _*
S 3000 - % Y ]
= N * 4
c T
-g 2000 A _ : .
rt:i / »
€ 1000 A % P R
o & P °
o 1 i ’ o 4 ®
o L4 b4
0 '_:_F T g T I. T T T T T T T T

0 10 20 30 40 50 60 70 ' 80
Pressure (mbar)

Figure 59: Gas permeability tests of MOF-coated Nylon 0.22 um membranes.
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5.2.4 Standard desalination — MOF-coated nylon membranes

MOF-coated membranes were tested using the custom-made AGMD setup in MPIP. All the
MD experiments were carried out over 48 hours to test the membrane’s durability for long-
term operation.

Figure 60 presents the MD flux and conductivity for permeate versus time for two MOF-
coated Nylon 0.22 membranes. In the case of MOFs-1 nylon 0.22 the first sample, MD flux is
stable at ~8.2 L/m?h for 48 hours experiment and the conductivity of permeate lies in the
distilled water range for the initial 15 hours of the experiment and later gradually increases
and reaches ~200 pS/cm at the end of the experiment which is still in the range of drinking
water (< 500 uS/cm). The reason for the fluctuations in the distillation flux is because of setup
errors during the experiment. For MOFs-2 nylon 0.22 the second sample, MD flux is steady
for initial 30 hours at ~7 L/m?h. After 30 hours the membrane completely gives up and the
conductivity increases to ~6000 puS/cm, even the flux increases and goes above 8 L/m?h which
later decreases can be due to blockage of the pores.

For MOFs treated nylon 1.2, we had 2 samples white and yellow from UCL. In the case of a
white sample the flux was stable at ~8.6 L/m?h, and conductivity continuously increases over
time from ~150 puS/cm to ~650 uS/cm over 48 hours of the experiment. On the contrary, the
yellow sample also shows a stable flux of ~8.5 L/m?h, and the conductivity of distillate stays
in the distilled water range for initial 25 hours and later increases to ~200 uS/cm.

The addition of MOFs to the membrane with 0.2 um pore size increases the resistance to
vapor diffusion and results in lower flux. This is also observed from the results obtained in gas
permeability data (Figure 59).
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Figure 60: (a) Experimental distillation flux as a function of time. (b) Change in distillate
conductivity as a function of time.

We can therefore conclude that MOFs-coating of nylon membranes increases their wetting
resistance far enough to allow their use for membrane distillation. However, the wetting
resistance is not as reliable as needed for longer-term operation. Therefore, we did not
continue with the use of MOF-coated membranes but rather focused on the NF-coated PES
membranes and plasma-treated PTFE membranes, which showed clearly better performance.
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6 Summary and Outlook

6.1 Summary

Global desalination capacity has grown dramatically in recent decades to fight water shortage
in areas where water availability and demand differ. Currently, the desalination sector is
virtually entirely based on non-sustainable, industrial-scale methods, with no answer to the
genuine water scarcity in rural regions. As a result, one of the primary problems in overcoming
water constraint is the development of small-scale, self-sufficient, and ecologically acceptable
desalination technologies. Thermally powered membrane distillation has been recognized as
a viable decentralized desalination technique. However, MD has yet to be commercialized,
necessitating further scientific study into material, module, and system development. The
adaptation of membrane module design to unique project needs has a high potential for

improvement.

Membrane distillation has been demonstrated to be a viable separation method not only for
water purification applications in industrial process water production, but also for recovering
valuable by-products and eliminating contaminants from wastewater effluents. In accordance
with the study presented in the first chapter of the thesis, we offered a quick summary of
some of the existing desalination technologies on the market, with a focus on membrane
distillation. The major objective of the thesis was to analyze important barriers affecting the
performance of MD systems, hence a complete literature study for membrane distillation was
covered. The first obstacle is lower distillation flux, as well as possible membrane fouling and

wetting issues.

We were able to create a coating technique for superhydrophobic composite membranes
with enhanced desalination performance. These membranes are based on commercial
membranes with larger pore diameters than are typically used in membrane distillation.
These newly constructed composite membranes displayed remarkable endurance of super
liguid-repellency throughout a prolonged water immersion test without the need of any
fluorine-containing chemicals. Our NF-coated membranes demonstrated better liquid entry
pressure (>11.5 bar) and high distillation flux in AGMD and DCMD tests over a 7-day period

due to their unique multi-scale porous structures. In standard desalination, it can be
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demonstrated that NF-coated membranes outperform commercial MD membranes currently

available (e.g., PE and PTFE).

In order to clearly summarize membrane performance for water desalination, we compared
the specific distillation flux of the NF-PES membrane with previous studies of AGMD and
DCMD, as shown in Figure 61. Here, the specific distillation flux is defined as the ratio of
distillation flux to the vapor pressure difference across the membrane. Due to the insufficient
reported data in the literature, we compared the salt rejection of the membranes in AGMD
tests and the LEP of the membranes in DCMD tests. As indicated in Figure 61 a, the NF-PES
membrane demonstrates top-tier performance in both specific distillation flux and salt
rejection, which were not achieved simultaneously in previous reports of AGMD tests. Figure
61 b shows a similar result that the NF-PES membrane effectively enhances the specific
distillation flux of the DCMD without compromising the LEP. The multi-scale porous structure
apparently strikes a better balance between rapid desalination and high salt rejection, which

is necessary for commercial MD installation.
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Figure 61: Comparison of the (A) AGMD and (B) DCMD performances of the nanofilament-
coated membrane (this study) with various previous reports. For the AGMD test, the NF-PES
membrane can simultaneously achieve high specific distillation flux and high salt rejection.
Similarly, the NF-PES membrane effectively enhanced the distillation flux in the DCMD test
without compromising the liquid entry pressure (LEP) [14, 21, 43, 90, 137-145].

Aside from determining the performance feasibility of an MD system for small-scale drinking

water production, a complete study of scaling and organic fouling development in MD
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operation is required. Membrane fouling has emerged as one of the most significant issues
confronting the RO system as a hydraulically stressed membrane process. The absence of
hydraulic pressure in MD, on the other hand, is advantageous for loose fouling deposition.
The existence of temperature conditions in MD, on the other hand, contributes to a
complicated scaling development. A number of research have been conducted to study the
relationship between scaling development and MD thermal operations. As a result, the

inquiry in this study focused on analyzing fouling resistance using model pollutants.

As a model substance for organic contaminants, we used BSA. The surfactant SDS was
employed to study the effect of contaminants that reduce surface tension. Fouling and
wetting resistance of all our membranes was found to be at least on par and in most cases
exceeding the antifouling properties of the commercial PTFE membranes. This was evident
from adsorption and wetting tests such as FTIR spectroscopy, contact angle measurements
after immersion tests, and confocal laser scanning microscopy imaging. Most important were
of course the performance tests in membrane distillation themselves. Here excellent anti-
fouling properties of NF-coated PES membranes during AGMD were found in presence of BSA,
exhibiting increased and stable distillate flux and minimized BSA protein deposition on the
membrane surface, exceeding the performance of commercial PTFE membranes. The anti-
wetting properties of the membranes were also tested using surfactant SDS, and our
fabricated NF-coated membranes showed almost 17% higher water distillate flux in presence

of SDS while having at least the same wetting resistance as the PTFE-0.2 membrane.

6.2 Outlook

The MD method has mostly been utilized for desalination; nevertheless, water recovery from
wastewater streams from industries is one of the most potential future uses of MD. While it
is capable of treating a wide range of wastes and brines, its potential to compete with existing
technologies such as RO and thermal-based water treatment technologies is still restricted
owing to a lack of pilot-scale experimental data and particular membranes and modules.
Finding new and viable applications for the MD process, on the other hand, appears to be one

of the greatest hurdles to its commercial adoption.

Furthermore, there is another significant barrier to MD being used for wastewater treatment.

Wastewater streams often contain a wide range of compounds that can cause membrane
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surface fouling and membrane pore wetting. This is because the deposition of these
contaminants on the membrane surface may make the membrane less hydrophobic, resulting
in pore wetting and a decrease in flux. This is why few studies on wastewater treatment with
MD are compared to desalination. As a result, one of the attractive future prospects is the
fabrication of specialized membranes for MD use in wastewater processing. Other resource
recovery applications for membrane distillation include brine concentration, the
concentration of fruit juices, radioactive solutions, acids, and volatile organic compounds,

removal of heavy metals and colors, wastewater treatment, and so on.

The implementation of these hierarchical porous membranes will expand the spectrum of
water treatment applications. As demonstrated in this work, NF-coated membranes were
evaluated for wetting capabilities with low surface tension liquids as well as after immersion
in 18% HCI. NF-coated PES membranes appear to be the best choice even in such extreme
environments with low surface tension liquids. However, for strong acids, NF-PVDF and NF-
PTFE appear to be better choices, and when pore diameters are greater, such as NF-PTFE-1,
they can even provide higher flux with less fouling. For future work, we intend to first scale
up the NF-coated membrane to A4 size by using a similar technology then also on rolls of
membranes to undertake a speedier roll-to-roll procedure with the assistance of SuperClean

project collaborators.
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